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ABSTRACT 
The feasibility of fluidizing pure, unadulterated wheat 
flour using a slowly revolving paddle located just above the 
gas distributor in the fluidizing column was investigated. 
Wheat flour is representative of a class of finely divided 
powders which are so cohesive that they cannot be fluidized 
by the usual methods. The power input to the mechanical 
stirrer was studied as a function of important system param­
eters such as stirring speed, superficial gas velocity, un-
fluidized bed depth, concentration of anti-agglomérants and 
materials other than flour. The effects of the stirring 
speed, gas velocity and bed depth on the properties of the 
fluidized bed were studied. These properties included minimum 
fluidization velocity, pressure drop across the bed, bed ex­
pansion, particle entrainment from the bed and mixing rates. 
Experimentation was carried out in a 6 inch diameter 
column, 5 ft high. The superficial gas velocities used ranged 
from 0 to 0,14. ft/sec, unfluidized bed depths ranged from 10 to 
30 inches, and stirrer speed ranged from 0 to 110 rpm. 
The results showed that fluidization of pure wheat flour 
is possible in a stirred fluidized bed. The incipient gas 
velocity for the system was independent of stirring speed and 
bed depth and in the range of 0,065" to 0,11 ft/sec. The di-
mensionless pressure drop across the fluidized bed was inde­
pendent of stirring speed and less than unity while the bed 
V 
expansion ranged from 25' to 65' per cent. The power required 
by the stirrer above the critical gas velocity was independent 
of bed depth and a linear function of stirrer speed. When the 
pure wheat flour system was compared to wheat flour containing 
an anti-agglomérant, the pure flour entrainment rate was much 
smaller than the adulterated flour entrainment rate. 
The mixing time for the pure flour in the stirred 
fluidized bed decreased significantly with increases in gas 
velocity. The homogeneity of the mixture was significantly 
increased by increasing stirrer speed and gas velocity, A 
proposed model simulated on an analog computer described the 
experimental mixing results. The model consisted of two per­
fectly mixed tanks with circulatory interflow, one stream con­
taining transport lag or deadtime. 
1 
INTRODUCTION 
Very generally, fluidization is a result of exposing a 
granular solid to an upflowing gas or liquid so that the 
heterogeneous system has the "fluid" properties of a true 
fluid: pressure head, mobility and zero angle of repose. 
Although there are references in the literature as far 
back as I878 referring to what we now know as fluidization, 
fluidization as used in modern industrial applications is a 
relatively new chemical engineering process. The first large 
commercial gas fluidization process was carried out in a 
catalytic-cracking unit put on stream in the petroleum indus­
try in 1942 (96). -, 
In the years that followed, reams of literature on flu­
idization and related subjects appeared. Some of the areas 
that were covered were: heat, mass and momentum transfer, 
fluids and solids mixing, kinetics and bubble mechanics, en­
trai nment . 
After a slackening of interest in the early 195*0*s, in­
terest in fluidization was rekindled, and recent publications 
reflect the pursuit of an understanding of the fundamental 
mechanisms involved in the process of fluidization. 
However, if the literature is examined closely, it is 
found that almost all of it is concerned with free-flowing 
materials. These materials have particle diameters in the 
range of 60-3000 microns and are fairly easy to fluidlze. 
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Very few publicationa are concerned with the fluidization of 
agglomerative materials, materials with particle diameters 
less than 60 microns. 
Wheat flour is made up of particles which range from 1 to 
70 microns in diameter. The average particle diameter is in 
the range of 3^-kO microns (32). In the pure state, wheat 
flour is very agglomerative, exhibits a high angle of repose 
and is essentially non-fluent. In short, aggregative fluidi­
zation of wheat flour and other fine particles is difficult to 
accomplish (^). 
It was observed in a previous investigation (31) on the 
gas fluidization of wheat flour that there is a major tendency 
for channels to develop in the bed which defluidize the sys­
tem, This previous study has shown that it is possible to 
fluidize wheat flour by using anti-agglomérants, However 
these additives may not always be acceptable where the flour 
is to have some food use. Mechanical stirring appears to be 
another solution to the problem. 
The purpose of this investigation was to study the feasi­
bility of using mechanical stirring in a fluidized bed for the 
promotion of fluidization of pure flour, starch and other fine 
materials. These are materials which are highly cohesive and 
have a pronounced tendency toward channel formation so that 
they are not readily fluidized by ordinary methods. One of 
the important objectives of this work was to determine whether 
or not a slowly revolving set of paddles in the bed might 
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break up channels and maintain fluidization. 
Experimentation was carried out in a 6 inch diameter, 5' 
ft high, glass fluidization column with a flat bladed paddle 
located just above the gas distributor. With this apparatus 
fluidization tests were carried out to determine whether or 
not the following materials could be fluidised: pure flour, 
flour containing anti-agglomérant, corn starch, titanium 
dioxide pigment, large and small polyethylene powders and 
bismuth subcarbonate powder. The procedure for determining 
the feasibility of the process was fairly simple. The various 
materials were merely aerated and stirred and some qualitative 
observations made about the resulting fluidization. 
Once the feasibility had been proven, some fluidizing 
tests were made using stirring speed, superficial gas velocity, 
and unfluidized bed depth as parameters to determine their 
effects on the properties of the bed. These properties in­
cluded power input to the stirrer, fluidization quality, mini­
mum fluidization velocity, pressure drop across the bed and 
the bed expansion for all of the above materials. These tests 
were made at a given bed depth while either stirrer speed or 
gas velocity was held constant while the remaining parameter 
was varied. 
In addition, particle entrainment and mixing were studied 
for the two flour systems. It was hypothesized that the pure 
flour entrainment rate would be lower than the flour contain­
ing the anti-agglomérant, The entrainment rates were 
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determined by measuring the amount of material carried from 
the system and cau^t by a filter for a given set of fluidiz-
ing conditions as a function of time. The effects of gas 
velocity, stirring speed and freeboard (the distance from the 
top of the fluidized bed to the gas outlet) on entrainment 
were studied. 
Mixing was studied by sprinkling a tracer on top of the 
bed and sampling for tracer at the bottom of the bed while 
fluidizing under various conditions. The mixing times and 
homogeneity of the resulting mixtures were determined for 
various conditions of gas velocity, stirrer speed and bed 
depth, A model to fit the experimental data was proposed and 
simulated on an analog computer. The model consisted of two 
perfectly mixed tanks with circulatory interflow between the 
tanks. One of the streams contained deadtime. 
For all the fluidization stu.dies, the superficial gas 
velocity ranged from 0 to 0,^. ft/sec, the unfluidized bed 
depths ranged from 10 to 30 inches and the stirring speed 
ranged from 0 to 110 rpm. All the fluidization experiments 
were carried out in the same colmtin at essentially room tem­
perature and pressure using nitrogen as the fluidizing gas. 
LITBRifflURE RWISW 
Pluidization Methods 
The effect of interparticle adhesive forces on the 
fluidization of particles with a diameter less than ^ 0 microns 
was observed by Baems (^). The interparticle forces are 
responsible for agglomeration of particles and bridging be­
tween agglomerates. The result of this agglomeration and 
bridging is channeling and poor fluidization, Baerns found 
evidence that fluidization can generally be achieved only when 
the particle size is above a certain limit. This limit de­
pends on the ratio of the weight of a particle to the sum of 
its weight and adhesive force. No fluidization could ordi-
nately be achieved when this ratio was less than 0.001, 
A number of unusual methods for fluidizing fine powders 
have been mentioned in the literature, even though relatively 
little research has been done in this area. The most impor­
tant methods involve sonic energy input, column vibration, 
anti-agglomérants, and mechanical agitation. 
Sonic energy 
A considerable amount of work by Morse (65A) has indi­
cated that low frequency (^0-^00 cycles per second), high 
intensity (above 110 decibels) sonic energy will markedly im­
prove the fluidization of nonfluent, fine grained powders. 
However, sonic energy appears to have no effect on the fluidi­
zation of coarse, free-flowing granular materials, Morse 
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specifically worked with plaster of Paris and pigments. These 
materials are much like pure wheat flour in that the particles 
are too small to fluidize by the usual method. 
Morse*s (6^A) apparatus involved a loud speaker mounted 
vertically in the gas introducing section of the column. This 
enabled the compression waves emitted by the speaker to pass 
through the supporting screen in the bottom of the column and 
into the mass of particles in the bed, Morse found that the 
sonic energy caused the nonfluent materials of small particle 
size to flow well enough so that good fluidization was pos­
sible without channeling and stagnation. He found that the 
application of sound produced a fluidization with more final 
bed expansion than the application of sub-sonic mechanical 
vibration to the column. 
Vibration 
Part of Morsels (6^A) investigation was to quant it ively 
determine the effect of column vibration on the fluidization 
quality of plaster of Paris, He clamped a 100 watt Syntron 
vibrator to the side of the column and subjected the column 
to transverse vibrations at 60 cycles per second. The vibra­
tion of the column caused the stagnant bed of plaster to 
gradually collapse and then expand in the same manner as with 
the sonic energy application, but to an obviously lesser de­
gree, 
Peters (71) also used vibration to obtain poor 
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fluidizatlon of very fine titanium dioxide powder which, with­
out vibration was too agglomérative and fine to fluidize at 
all. 
One of the more recent papers involving vibration in 
fluidization is that of Chlenov and Mikhailov (20). It in­
volves the concept of a "vibrofluidized bed" proposed by 
Mikhailov in I960. Essentially, the vibrofluidized bed is 
formed by vibrations which are transferred to the material in 
the bed by a surface, gas distributor or otherwise, which is 
in contact with the bed material. The "vibrofluidized bed" 
makes it possible to carry out processes involving liquid in 
liquid, gas in liquid and liquid in gas, an advantage over the 
conventional fluidized bed. The intensity of the fluidization 
can be controlled almost independently of the gas flow rate, 
by changing the vibration parameters for optimum process con­
ditions . 
Chlenov and Mikhailov (20) used a relatively small vibro-
fluidizing device capable of a frequency in the range of 20-
200 cycles per second and vibration amplitudes ranging from 
0-1 mm. They described the incipient point of vibrofluidiza-
tion as the point where partiales begin to move relative to 
one another and the particles become removed from the surface 
of the vibration platform, Chlenov and Mikhailov studied the 
parameters of vibrofluidization. They concluded that the 
acceleration of vibration of the platform is the main param­
eter which determines the conversion of a vibrated bed to a 
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vibrofluidized bed. However, in their.paper Chlenov and 
Mikhailov specifically stated that vibrofluidization is for 
free-flowing materials. The smallest particle which they 
used in their investigation were free flowing quartz sand 
particles with a diameter range of 16^-3^^ microns. This 
average diameter is roughly six times the average particle 
diameter of wheat flour. So vibrofluidization has not yet 
been proven to be a method of fluidizing fine agglomerative 
particles, 
Yoshida ejt al. (951 studied a system similar to a vibro-
fluidized bed. They investigated the parameters of a gas-
solid fluidized bed having a mechanically vibrated gas dis­
tributor, The apparatus differed from a conventional fluidized 
bed only in that the gas distributor was connected to the 
mechanical vibrator and subjected to vertical vibration. The 
vibration frequency ranged from 20-^0 cycles per second and 
the acceleration of the vibration ranged from 1-5' times the 
acceleration of gravity. 
The results of the work of Yoshida ^  (951 showed 
that the vibrated gas distributor considerably reduced the 
superficial gas velocity required for incipient fluidization 
when compared to the unvibrated system. In addition, vibra­
tion increased the pressure drop across the bed when compared 
to the non-vibrated system, Yoshida et al, remarked that this 
increased pressure drop may indicate that the air distribution 
is much more effective in preventing channeling. This results 
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from the formation of an air pocket between the distributor 
and the bottom of the solids. However, Yoshida ^  like 
Chlenov and Mikhailov (20), used relatively free flowing 
materials. The smallest particles studied by Yoshida al.. 
which were fluidized without the aid of the vibrating dis­
tributor, were 294 micron diameter sand particles. Thus the 
fluidized bed with a vibrating distributor has not been tested 
using fine agglomerative particles with diameter of 60 microns 
or less. 
Massimilla ^  £l, (61A) reduced channeling and bubbling 
in fluidized beds of relatively coarse materials by pulsating 
the fluidizing gas. The finest material they used was 1^0 
micron sand. 
Anti-caking additives 
The first report of the use of anti-caking agents in 
fluidization on a commercial scale was made by Predrickson (2, 
29, 30). He successfully fluidized 5-10 micron diameter corn 
starch particles in a tall, slender, cone-bottomed fluidized 
bed reactor. The starch was made fluidizable by the addition 
of 0,1 weight per cent of tricalcium phosphate. 
The mechanism of anti-caking agents is thought to be one 
of two effects, either a ball-bearing effect or a spacer 
effect. The ball bearing effect may be produced by the 
smaller anti-caking particles rolling between the larger bed 
particles. The spacer effect may result from the smaller 
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ant1-caking particles keeping the larger bed particles apart 
and thereby reducing the effect of the van der Waals forces. 
Since wheat flour is so small, the anti-caking agent for the 
flour particles would have to be sub-micron in size. Fried 
(31, 32) found this to be the case, After testing various 
anti-caking agents Fried found that sub-micron silicas, ,01^-
,030 micron diameter, were the most effective for rendering 
wheat flour fluidizable. Without these anti-caking additives 
he found that a bed of flour would develop channels or "rat-
holes" and all the gas would go through these channels, pre­
venting fluidization. Fried found that as little as 1-3 
weight per cent of the silica was needed to reduce the co-
hesiveness of the flour to a point where good fluidization was 
easily obtained. 
Mechanical agitation 
Some research has been conducted in the area of mechan­
ically agitated fluidized beds, but very little of this work 
was carried out for the purpose of fluidizing fine agglomera»-
tive particles. 
Beck (6) was probably one of the first to work with an 
agitated fluidized bed. He evaluated various stirrers for 
promotion of fluidization at low gas flow rates. Beck found 
that a bed stirred with a helically finned rotor made it pos­
sible to simulate fluidization independent of gas velocity 
below 1 ft/sec. He used catalyst particles in the range of 
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60-200 itiesh for his agitation work. These particles have 
diameters in the range of 70-2^0 microns, not really in the 
size range where agglomeration is a significant problem. 
Along this same line, Hall and Crumley (38) studied a 
chemical reaction in a fluidized catalyst bed using mechanical 
agitation. With an unfluidized bed depth of ^  to 6 inches, 
a stirrer was located centrally in the 2 inch diameter bed. 
The stirrer had blades throughout the bed hei^t» By running 
the agitator at 8OO rpm. Hall and Crumley were able to achieve 
normal fluidization with one-half the normal linear gas 
velocity. 
The first reported work using agitation to fluidize 
highly cohesive powders which have a strong tendency to chan­
nel and can not be fluidized by gas flow alone was that of 
Reed and Penski (73). They used vertically oscillating flat 
plates containing holes to promote agitation in a rectangular 
fluidized bed. This agitation increased the resistance to gas 
flow through the bed and did improve fluidization. As a re­
sult Reed and Penski were able to fluidize very cohesive 
carbon powder having an average particle diameter of if,3 
microns. Without the agitation, fluidization was impossible. 
With the agitation fluidization was possible with superficial 
gas velocities as low as ,01 ft/s^c and the bed expanded as 
much as 30 per cent over the nonfluidized bed height. 
Leva (53) conducted research on a stirred fluidized bed. 
He used various arrangements of a centrally located, 
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horizontally rotating agitator. His results showed that if 
the solids circulation induced by the stirrer was similar to 
the natural bed circulation, the pressure drop across the bed 
was much lower than for the unstirred bed. For this arrange­
ment the power requirements were also the lowest. The pres­
sure drop decreased as stirring speed increased, while power 
increased with speed but decreased with increasing gas veloc­
ity, Leva also concluded that the interparticle frictional 
forces play an important part in determining the power re­
quirement for the agitator in a fluidized bed. However, Leva 
worked with relatively coarse silica sand and did not consider 
the agitated fluidized bed as a means of fluidizing fine 
cohesive powders. 
Like the vibrofluidized bed, it is possible to form a 
fluidized bed by agitation without gas flow, Lastovtsev 
et al. (ij.8) reported such a process in 1962, They had success 
in mixing pigments in a ^00 liter cylindrical container using 
a rotary blade stirrer. At a certain blade velocity, a flu­
idized bed similar to that obtained by the flow of gases -was 
observed. The critical blade velocity for fluidizing is in 
the range of ^-8 m/sec and depends on the particle size, mois­
ture content and other properties of the material. But here 
also, the materials were reported to be free-flowing (3)., 
Since the work of Reed and Penaki (73) reported in 195^, 
no Work has been specifically concerned with the fluidization 
of agglomérative materials using agitation until just 
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recently. 
In 1964 Herz (Zjl) described an application of the flu­
idized bed for drying chemical products which, by their ini­
tial nature, are not fluidizable, Herz studied the drying of 
crystallized dehydrated sodium bichromate. He foiind that the 
material agglomerated and formed compact lumps during drying, 
independent of the drying method used. To overcome the ten­
dency towards agglomeration which hindered the operation of a 
fluidized bed dryer, it was necessary to add additional shear­
ing forces to break up the agglomerates. Herz achieved this 
by installing a stirrer with vertical blades having cutting 
edges. This allowed the hot air to pass through the bed until 
it was dry enough to fluidize and complete the drying in an 
overall efficient process. 
Then in 1965 Hamada and Shirai (39) reported a process 
for the reduction of iron ores in a stirred fluidized bed. 
They used a centrally located agitator equipped with pitched 
blades throughout the height of the bed. Without the agita­
tion Hamad a and Shirai found that coagulation of the solid 
particles always took place. This was accompanied by channel­
ing, rough fluidization and very inefficient conversion of the 
reducing gas. However with agitation, coagulation did not 
occur. As a result there was good radial mixing and no chan­
neling even when the gas•velocities were less than the minimum 
fluidization velocity. The agitation also prevented slugging, 
even at high bed depths. This made it possible to achieve a 
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long contact time and the reducing gas reacted almost to the 
equilibrium point. 
A different type of agitation was reported in 1965' in a 
French patent authored by Leymarie e;b al, (5'8). They claimed 
an improvement in the apparatus to fluidize powders. This 
amounted to improving the fluidizing characteristics of the 
bed by a rotating perforated disk just above the gas dis­
tributor, In a 25' cm diameter cylinder, 35 cm high, Leymarie 
et al, used a disk of 1 mm thickness placed 10 mm above the 
regular gas distributor. With this they were able to achieve 
homogeneous fluidization of 1^0 micron polymer particles at 
15-60 rpm. 
Of the research papers reported, the one that comes 
closest to having the same objective as the one at hand (the 
fluidization of wheat flour) is that of Kozulin and Kulyamin 
(i|.6) . They studied the fluidization and mixing of several 
very fine, cohesive powders. These powders included barium 
sulfate and the oxides of lead, titanium, zinc and magnesium. 
The average particle size of these materials was in the range 
of 5'-20 microns. These materials exhibited a pronounced ten­
dency toward channel formation when aerated and in some cases 
fluidization was impossible. With stirring, however, all of 
the materials could be fluidized, Kozulin and Kulyamin used a 
two blade agitator located just above the gas distributor 
rotating at 20-60 rpm. The combined length of the blades was 
,95" of the column diameter and the blade height was ,10 of 
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their combined length. Geometric similarity was maintained 
for different diameter columns. 
Momentum Transfer 
A knowledge of the momentum transfer involved in a flu­
idized bed is necessary for translating experimental data into 
meaningful engineering data and corresponding engineering deci­
sions. 
Some of the topics most often included in a discussion 
of momentum transfer in a fluidized bed are minimum fluidiza-
tion velocity, pressure drop across a fluidized bed, bed ex­
pansion during fluidization and entrainment. 
When a mechanical agitator is used in a fluidized bed, 
two other momentum transfer characteristics are involved, the 
fluidized bed viscosity and the power input to the agitator. 
Another topic which goes hand in hand with mechanical agita­
tion, mixing, will also be considered here. 
Minimum fluidization velocity 
The minimum fluidization velocity is the superficial gas 
velocity which corresponds to the point of incipient fluidiza­
tion, The point of incipient fluidization can be defined as 
the lowest superficial gas velocity where the pressure drop 
across the bed equals the weight of the bed per unit area 
(96). However, experiment ally the pressure drop may never 
equal the weight of the bed per unit area, or it may be con­
siderably higher. Basically, the minimum fluidization 
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velocity is the gas velocity where the system changes from a 
fixed bed to a fluidized bed. The change in bed conditions 
is reflected by the change in pressure drop across the bed. 
At low flow rates, the bed is fixed and the pressure drop 
small. As the gas velocity is Increased, the pressure drop 
through the fixed bed will increase until the point of in­
cipient fluidization is reached. At this point the particles 
are suspended and free to move. Further increases in the gas 
velocity produce only a slight increase in the pressure drop. 
This region where the pressure drop increase is small is the 
fluidized bed region. 
The minimum fluidization velocity may be predicted 
theoretically by relating the pressure drop through a fixed 
bed to the weight of the bed per unit area (22, 25', 26, 5^ 2). 
This theoretical relationship is 
n „ = '003 Ebf(p8-Pf)pfSc 
m^f  ^! 
where 
= minimum fluidization gas flow rate, (lb)/(hr) (ft^) 
Dp = particle diameter, (ft) 
= void fraction of minimum fluidization, dimension-
less 
= solids density (Ib/ft^) 
= fluid density (Ib/ft^) 
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gç = gravitational constant 
(lb mass)(ft)/(lb force)(sec^) 
= particle shape factor, ratio of surface area of 
sphere having a volume equal to that of the particle 
to the actual surface area of the particle, dimen-
sionless 
|i = viscosity (lb)/{ft ) (hr) 
Since and jE^ are hard to come by, the equation has been 
modified to the form 
and the constant evaluated by comparison to actual experimen­
tal data (22, 25", 26, 5'2). The resulting equation is: 
for Reynolds numbers less than Above Reynolds numbers of 
5', the minimum fluidization velocity calculated must be 
modified by a dimensionless correction factor (26, 50). How­
ever, this equation is generally for materials which have good 
fluidization characteristics and do not lead to channeling. 
Other approaches have also been used to theoretically 
predict the minimum fluidization velocity (22, 26, ^ 2, 96). 
But Frantz (26) remarked that the best available correlation 
for predicting minimum fluidization velocity was the above re­
lationship, Uaolekar and Kher (66) compared the minimum 
m^f - d 
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fluidization velocity obtained experimentally using bauxite, 
charcoal, quartz and silicon dioxide with several theoretical 
relations. They reported that Leva's equation, above, gave 
the best agreement with average deviation of 2-6 per cent. 
Later, Frantz (25') proposed another equation for pre­
dicting the minimum fluidization velocity based on theoretical 
and experimental considerations, 
Petrov (72) has reported a general equation for the 
critical fluidization velocity of mixtures of solids differing 
in particle size and density. The validity of the equation 
was verified by experiment. More recently Narsimhan (67), by 
mathematical derivation, has come up with a generalized ex­
pression for predicting the minimum fluidization velocity for 
the analysis and design of fluid bed processes. 
Along this same line, Gel'perin ^  al. (3I4.) have reported 
the limiting conditions under which a fluidized bed can exist. 
The parameters, particle size, dispersity and gas velocity are 
used in the analysis. The results are given in dimensionless 
form. 
While oftentimes it is necessary to predict the minimum 
fluidization velocity, the Ideal way is to evaluate the mini­
mum—fluidization velocity experiment ally under the required 
conditions. There are several methods for determining the 
minimum fluidization velocity experiment ally (21, 25"). 
Davidson and Harrison (22) state that undoubtedly the best way 
to determine the minimum fluidization velocity is to measure 
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the pressure drop through the bed of particles as a function 
of the flow rate. 
Pried (31) found the minimum fluidization velocity for 
beds of wheat flour containing 1-3 weight per cent of silica 
anti-caking agents by measuring the pressure drop. He found 
the incipient fluidization velocity to lie in the range of 
,06 - ,18 ft/sec for 2, If, 6 inch diameter columns, and ,06 -
.1 ft/sec for the Lj. and 6 inch diameter columns. 
In the agitated fluidized bed of fine agglomerative 
particles, Kozulin and Kulyamin (I|.6) used a different tech­
nique to determine the critical gas velocity. They experi = 
mentally established that the incipient fluidization point 
corresponded to the break points in the power versus gas 
velocity curves. These cujcves showed that as gas velocity in­
creased, the agitator power required decreased at a constant 
rate until the critical gas velocity was reached. After this 
the power became independent of the gas flow rate, Kozulin 
and Kulyamin found that the critical gas velocity varied in­
versely with the cube root of the stirring speed. 
Pressure drop across fluidized beds 
The area of pressure drop through a fluidized bed is one 
in which the published information is rather scarce 26), 
Possibly because the pressure drop for a fluidized bed is 
generally assumed to be independent of the gas rate, above the 
critical point, and equal to the weight of the bed per unit 
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area. 
As the gas flow is increased through the bed, the pres­
sure drop Increases until the gas flow reaches the minimum 
fluidlzatlon velocity. At this critical point it is typical 
for a discontinuity to appear in the pressure drop curve. A 
possible reason for this discontinuity is that greater pres­
sure may be needed initially to overcome the wedging action of 
the fixed bed particles (22). Above the critical point the 
pressure drop remains fairly constant with increasing gas 
velocity. 
Lewis e^ al. (^) reported pressure drop results from a 
gas fluldized bed of glass beads. They found the pressure 
drop to be a function of gas velocity and particle size. In 
general, their experimental pressure drop was greater than the 
calculated value based on the weight of the bed per unit area. 
Pressure drops have been recorded, above the critical 
point, which are lower than the weight of the bed per unit 
area (31). After the bed has become fluldized the pressure 
drop may be less than the theoretical because of the pressure 
measuring difficulties near the gas distributor (7%B). An­
other explanation for the lower than theoretical pressure drop 
above the critical point is channeling and stagnant areas in 
the bed. 
Prantz (26) presented an equation for the calculation of 
the pressure drop across a fluldized bed. In addition he pre­
sented equations formulated by other workers. However, Prantz 
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stated that these equations do not hold for many systems. He 
later Illustrated the truth of this statement when he compared 
his results for various gases and catalyts and sands to sev­
eral equations for the prediction of pressure drop (2^), 
Frantz found that none of the equations agreed with his ex­
periments, His experimental data also deviated substantially 
from the theoretical in that, above the critical gas velocity 
the pressure drop was less than the weight of the bed per unit 
area. He then went on to develop a new empirical equation for 
predicting the pressure drop for gas fluidized beds of wide 
particle size distribution. He cautioned that this equation 
should only be used in the range of experimental results he 
reported, 
Anderson (1) reported an equation for the pressure drop . 
for ideal fluldlzation of uniform size spheres. Hi at ^ al, 
(8) correlated the head loss during flow through a fluidized 
bed by means of dimenslonless groups, 
While little research has been done in the area of pres­
sure drop across fluidized beds, even less research has been 
conducted in the area of stirred fluidized bed pressure drop. 
When Reed and Penskl (73) reported on the effects of 
agitation, using vertically oscillating plates with holes, 
they reported an Increase in the pressure drop across,the bed 
compared to the unagltated bed. This was particularly true at 
the lower gas velocities. As the gas velocity was made 
hl^er, the increase in pressure drop arising from the 
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agitation became negligible. Reed and Fenski found that the 
pressure drop through the fluidlzed bed of fine carbon was 
essentially independent of gas flow rate and vibration fre­
quency, The pressure drop was approximately equal to the 
weight of the bed per unit area. However, they found that for 
fluidlzed nickel powder, the pressure drop was highly influ­
enced by frequency of agitation. Here the pressure drop 
ranged from less than the weight of bed per unit area with no 
agitation to 1,I|. times the weight of the bed per unit area at 
hi^ frequency agitation, 
Yoshlda et al. (9^) also used vertical oscillation. They 
used the vertically oscillating gas distributor. Like Reed 
and Fenski, Yoshlda ei^ reported an Increase in pressure 
drop over that found in the non-vibrated system. But unlike 
Reed and Fenski, Yoshlda £t observed pressure drop data 
which were less than the weight of the bed per unit area. 
Work has also been reported where agitation has decreased 
the pressure drop through the bed rather than increased it, 
Bretsznajder et (1I|.) reported that the pressure drop 
through a fluidlzed bed of aluminum oxide was reduced from 
ram of water to l5 mm of water by vibrations of 1000 cpm and 
strokes of 1.6-3.7 otq. With a centrally located, pitched 
blade stirrer. Leva (^3) also found that the pressure drop 
across a fluidlzed bed was less than that calculated from the 
wel^t of the.bed when the circulation induced by the stirrers 
was the same as the natural circulation in the bed. 
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The only report of the pressure drop across a fluid!zed 
bed of wheat flour is that of Fried and Wheelock (32). They 
reported that the pressure drop across well fluidized beds 
was always in the range of 0,36 - 0,6 inches of water per inch 
of unfluidized bed hei^t, mostly within the range of O.ij. -
0,^ inches of water per inch of unf luidized bed height. If 
this pressure drop is converted to the dimensionless form, 
pressure drop divided by the weight of the bed per unit area, 
the pressure drop for the fluidized wheat flour was in the 
range of .6^ - .90, 
Bed expansion during fluidlzation 
As the gas flow rate through the bed is increased, the 
bed expands to various heights depending on the material and 
the gas velocity, providing the gas does not pneumatically 
transport particles from the bed. 
Prediction of the bed expansion as a function of gas 
velocity and other variables is of great importance in engi­
neering work where it is necessary to design fluidization 
equipment, 
Until recently there was only two methods of predicting 
the expansion of a fluidized bed, Shen and Johnstone (79) 
reported an equation for the prediction of bed expansion and 
Leva (^0) presented a graphical method for determining the 
bed expansion at velocities above the minimum fluidization 
velocity. However, Prantz (26) and Fried and Wheelock (32) 
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cite experimental results where the bed expansion was a func­
tion of bed height and bed diameter. Neither of the above 
methods take these variables into account. 
Solchani (81) described a method for describing fluidized 
bed expansion. It was based on the "hole theory" of fluidized 
beds and resulted in a single linear relationship for calcu­
lating the expansion. 
Just recently, the two-phase theory of fluidization (22) 
has come into prominence. This takes a new view of fluidized 
bed expansion. The two phases consist of a particulate phase 
Where the flow rate is the same as the flow rate at the in­
cipient fluidization point and a bubble phase which carries 
any additional flow of fluidizing fluid above the critical 
rate. Davidson and Harrison (22) list the evidence which 
supports this new theory. 
More recently some very strong evidence in support of the 
two phase theory was presented by Romero and Smith (7ij.A), 
They used flash x-ray radiography to observe the internal 
structure of an air-sand fluidized bed in a transparent 
column. They were able to accurately measure the bulk density 
of the particulate phase, Romero and Smith showed that this 
density remained constant at all gas velocities from the mini­
mum fluidization velocity to five times the minimum, the lat­
ter being the highest tested. 
According to the two phase theory of fluidization, bed 
expansion occurs in two ways. The first way is in the 
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formation of the particulate phase, a liquid<»like emulsion, at 
incipient fluidization. The second expansion occurs with the 
formation of the bubble phase. Therefore as the gas velocity 
is increased past the critical gas velocity, the expansion 
results entirely from an increase in the volume of the bubble 
phase. 
Neuzil and Hrdina (68) have found that walls have very 
little effect on the expansion of a fluidized bed. They found 
that the wall effect is only significant to a distance from 
the wall equal to one-half the particle diameter, Bhat at 
(7) have also found that the wall has little effect on fluidi­
zation characteristics. They state that the wall effect can 
be considered negligible when the ratio of column diameter to 
particle diameter is greater than 100. 
Other than, that of Reed and Penski (73) s there are no re­
ports in the literature on the expansion of a mechanically 
agitated fluidized bed of cohesive particles. 
The only report of bed expansions of fluidized wheat 
flour is that of Pried and Wheelock (32). They reported that 
well fluidized beds of flour increased in volume from ^ 0-100 
per cent compared to the volume of the flour itself. This 
was while using anti-caking additives as fluidizing agents. 
Entrainment from fluidized beds 
Entrainment is the carry-over of solids from the bed and 
out of the system by the gas stream. This occurs because the 
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gas velocity in the space above the bed is higher than the 
free falling terminal velocity of some of the particles In 
this dilute phase. When the bed is fluldized, bubbles formed 
at the distributor rise through the bed. As a bubble reaches 
the top of the bed it bursts open and projects neighboring 
particles into the dilute phase above the bed where entraln-
ment may take place. It is this entrainment which necessi­
tates the installation of cyclones and other types-of solids 
separators. However, as of yet the information concerning en­
trainment is too qualitative to reliably predict entrainment 
rates. 
It is generally accepted that as Lewis e^  (^ 7) have 
shown, entrainment rates increase rapidly with increasing gas 
velocity above the free falling velocity of the particles, 
decrease as the particle size is increased, and decrease ex­
ponentially with increasing freeboard up to a point (the freé-
board being the distance from the top of the bed to gas out­
let), Lewis et al, (S"?) have also shown that for small 
columns the entrainment rate decreases as the column diameter 
is increased, while entrainment is independent of the diameter 
of larger columns. 
Baffles can have an effect on the entrainment, though not 
necessarily, by decreasing or increasing it (70), Which 
effect the baffles have depends on the design, location and 
other conditions, '' 
Stirring near the top of the bed can reduce entrainment 
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and make fluid!zatIon smoother (^ 7). The decrease In entraln-
ment is directly proportional to the effectiveness of the 
stirrer. Paster speeds and/or more blades Improve the effec­
tiveness of the stirrer. The action of the stirrer is to 
break up the gas pockets and decrease the violence of their 
bursts at the surface thereby lowering the number of particles 
thrown Into the dilute phase and entrained, 
Lewis e^  al, (57) proposed the following correlation for 
entralnment data: 
E/V «= C exp r-b -f AHV^  
V2 
E s entralnment rate (lb)/(ft2)(sec) 
V = superficial gas velocity (ft/sec) 
H = freeboard (in.) 
b = 1.26 X 10® PpDpZ 
pp = particle density (Ib/ft^ ) 
Dp = particle diameter (ft) 
A = a V 
a = some function of column diameter 
C - some function of column diameter 
However, because of the complex interactions between the 
variables, Lewis et cautioned against applying this equa­
tion to columns of different diameter, or particles with dif­
ferent properties. They used column diameters ranging from 
three-fourths inch to five and three-fourths Inches, Their 
particles consisted of glass beads, polystyrene, iron and a 
cracking catalyst. 
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One type of entralnment la called elutrlatlon. This is 
the entrainraent of the smaller particles from a bed of more 
than one particle size, Zenz and Othmer (96) discuss elutria-
tion and Leva (5^ 2) gives a complete treatment of the subject 
including data and correlations. 
Fried and Wheelock (32) found a satisfactory correlation 
for the rate of entrainment from a fluidized bed of wheat 
flour containing anti-caking agents. The experimental condi­
tions were such that the Reynolds number, based on flow 
through an empty column, ranged from 5^ 00 to 1^ 00. Their 
initial entrainraent rate correlation was 
E a a vPd?L%® 
V = gas velocity (ft/sec) 
D ss bed diameter (ft) 
L *= unfluidized bed height (ft) 
H = freeboard (ft) 
9, 5, 6, e = correlation coefficients 
The diameter correlation proved to be insignificant and the 
final model was: 
29.8 vl,789 1.8^ 5' 
® 
The final multiple correlation coefficient was ,9797. The 
correlation was derived from data on 2 and inch diameter 
columns. The correlation was able to accurately predict 
actual entrainment rates for a 6 inch diameter column. 
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Fluldlzed bed viscosity 
Since a fluldlzed bed Is often compared to a boiling 
liquid It Is reasonable to compare the physical properties of 
the fluldlzed bed to the analogous liquid properties. One of 
the most important physical properties of any liquid is its 
viscosity. But because of interpartlcle frictional forces and 
various particle accelerations, the measured viscosity of a 
fluldlzed bed is only an apparent viscosity (^ 1). 
Among the first to measure the apparent viscosity of a 
fluldlzed bed were Matheson et al. (61B), They used a modified 
Stormer viscoiaeter which consisted of a paddle immersed in the 
fluldlzed bed along its axis. The apparent Stormer viscosity 
was considered to be the weight necessary to rotate the paddle 
at a constant angular velocity. Matheson e^  al. found that 
the apparent fluldlzed bed viscosity decreased sharply as the 
gas velocity was Increased until the incipient fluldlzation 
velocity was reached while further Increases in gas velocity 
produced little effect. The apparent viscosity increased when 
either the particle size or density was Increased and a small 
proportion of fines ln.i the bed greatly reduced the bed vis­
cosity compared to the coarse material alone. According to 
Frantz (27), Trawlnskl found that the critical fines concen­
tration for low bed viscosity was 11 per cent. Kramers (47) 
found that the apparent viscosity was not constant from the 
top to the bottom of the bed, 
Davidson and Harrison (22) give a historical listing of 
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the Inveatigations concerned with the viscosity of a fluidlzed 
bed including the I96I work of Schugerl ej^  al, (77, 78). The 
latter used a fluidlzed bed contained in the annulus of two 
rotating cylinders and obtained results which agreed with the 
paddle viscometers. The fully fluidlzed bed behaved as a 
Newtonian fluid for small shear stresses, Schugerl eb al. 
also found that the viscosity was hl^ i at incipient fluidiza-
tion and fell sharply with increasing gas flow. 
In 1962 Gupalo (36) found, by following the motion of a 
radioactively tagged sphere in a fluidlzed bed, that the 
sphere behaved as it would have in a viscous liquid, 
Shuster and Haas (80A) found that the apparent viscosity 
of a fluidlzed bed exhibited three regions with increasing gas 
velocity. At low flow rates the viscosity decreased rapidly. 
In the intermediate range, the viscosity Increased and passed 
throu^  a maximum. Then in the high gas velocity range the 
viscosity decreased at a steady rate until an equilibrium 
value was attained, Schugerl et al, (77) also observed a 
similar behavior, 
Purukawa and Gmae (33) and Grek and Klsel*nlkov (3^ A) 
both used similar equations to predict the viscosity of the 
bed as a function of gas velocity above the critical value. 
The most recent publication in the area of viscosity of 
suspensions of gas fluidlzed beds was that of Hagyard and 
Sacerdote (37). They discussed the fact that many previous 
workers used rotating viscometer where rotation speeds were 
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too high, and the bed conditions near the Immeraed body were 
very different from the bulk of the bed. They also discussed 
roughening the immersed surface to minimize slip between the 
body and the fluidlzed bed. To take advantage of these facts, 
Hagyard and Sacerdote used a slowly oscillating, coated tor­
sion pendulum viscometer to measure the apparent viscosity of 
a fluidlzed bed. They found evidence of Newtonian behavior in 
that the observed viscosity seemed to be independent of the 
rate of shear. Also, the logarithmic rate of decay of the 
amplitude of the pendulum was independent of the amplitude, as 
it is for a Newtonian fluid. However, indications of non-
Newtonian behavior have also been found. Bubble velocities 
and shapes observed by Romero and Smith (7^ A) agree with 
others that the dense particulate phase behaves as a liquid-
like emulsion of zero viscosity and surface tension. 
Agitator power requirements 
Only a small amount of research has been conducted using 
mechanical agitation in a fluidlzed bed. Even less research 
has been conducted where particular attention was paid to the 
power consumption, especially where the agitation was used to 
promote fluidlzation rather than mixing. 
In his extensive study. Leva (5*3) was not using the 
stirrer to promote fluidlzation, but he did use a number of 
stirrer configurations. He found that the power requirement 
depended markedly on the stirrer design and sense of 
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operation. Another general observation was that the power re­
quirement increased as aeration decreased. His results also 
showed that interparticle frictional forces play an important 
role in determining the agitated fluidized bed power require­
ment • The power requirements were always lowest when the 
solids circulation induced by the stirrer were similar to the 
natural fluidized bed circulation. 
The power required for stirring free-flowing materials in 
a fluidized bed has been studied by Lastovtsev and Popov (3, 
1|9), They investigated all the physical parameters involved 
by using an electric motor driving a twin bladed flat paddle. 
The power needed to actuate a blade stirrer in a fluidized bed 
of granular solids depends on the equipment size and the 
material, Lastovtsev and Popov found this relation to be 
N = C b'GG H.74 
where N = power required (kw) 
¥ = angular velocity (sec"^ ) 
L = blade length (m) 
b = blade height (m) 
H = height of fluidized bed (m) 
S = clearance between blade tip and container 
surface (m) 
I = bulk density of the material (kg/m^ ) 
C = resistance coefficient of the material 
The resistance coefficient takes into account such things as 
the water content and porosity of the material, and size. 
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shape, surface characteriatics and coefficient of friction of 
the particles. The equation is valid for dry solids with a 
particle size less than 300 microns. The resistance coeffi­
cient for materials such as cement, zinc dust, talcum, coal 
and graphite is in the nei^ borhood of S^ IO"^ , 
By using geometrical similarity, a given bed depth and a 
specifically designed agitator, Kozulin and Kulyamin (i|.6) re­
ported the power used by the stirrer to promote fluidizatlon 
of fine agglomerative particles to be: 
P = .OI3OU (Î2) E2!£ 
P So 
P = power 
Pg « particle density 
p a gas density 
n = stirrer speed 
d « bed diameter 
y sa gas viscosity 
gQ = gravity conversion factor 
Here, any consistent set of units may be used. 
It is of interest to note that the Kozulin and Kulyamin 
(1|6) expression is similar to one obtained by Rushton and 
Oldshue (76) for stirring a homogeneous liquid sjrstem in 
laminar flow, 
Calderbank and Moo-Young (18, 19) and also Metzner and 
Otto (62) have found the power characteristics for the mixing 
of non-Newtonian fluids by using power number - Reynolds 
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nimber correlatlona, 
Mixing in a fluid!zed bed 
One of the most often mentioned advantages of a fluidized 
bed is good temperature control, A uniform temperature is 
very quickly established throughout the bed. This is a result 
of the intense particle movement and mixing that occurs in a 
fluidized bed. 
Both Leva (^ 2) and Zenz and Othmer (96) present a com­
plete treatment of fluids and solids circulation and mixing in 
a fluidized bed. Since the publication of those books, how­
ever, a great deal more literature has been published in this 
area of fluidization. Much of this literature was reviewed 
by Botterill (12, 13), The reports listed here will generally 
be grouped according to the tracer techniques used. 
It is obvious that measuring heat transfer might be one 
way of analyzing the mixing in a fluidized bed. This has been 
done (5^ ). 
Two methods involving coke beds have been used to study 
mixing in a fluidized bed. One method involved a chemical 
reaction in a coke bed (87A). The other method involved the 
use of an electrical resistance probe in a fluidized con-a— 
ducting-coke bed (40), Electrical conductivity cells were 
used by Calms and Prausnltz (16, 17) to analyze macroscopic 
and longitudinal mixing by means of a point source Injection 
of a salt solution in water fluidized beds. 
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Bubble studies have recently led to a new understanding 
of gas fluldlzed beds, Davidson and Harrison (22) remarked 
that the extent and velocity of the wake of a bubble may pro­
vide a partial explanation of the solids mixing in a gas 
fluldlzed bed, because the bubble carries solid particles up 
the bed in its wake. Rowe and Sutherland (7^ ) concluded from 
observations using a nickel tracer (magnetically separable) 
and copper powder that mixing is generally caused by bubbles 
and these increase in size and number as the gas velocity is 
Increased above the critical. Bubbling and therefore mixing 
started at 1,2 times the minimum gas velocity. Use of a 
similar tracer technique has confirmed that tapering deep 
beds of dense materials reduces vertical mixing (82). 
Chemically different tracers have also been used (2%, 
6^ 0, 8l|., 86, 94). Talmor and Benenatl (8%) noted that circu­
lation rates are functions of particle diameter and gas 
velocity above the critical. The circulation rate is linearly 
proportional to the excess gas flow above the critical. It 
has also been found (8%, 86) that mixing decreases with In­
creasing particle size. 
Dyeing some of the bed material with a soluble dye has 
also been used (60B, 63, 6i)., 83), Tailby and Cocquerel (83) 
studied residence times of the bed material and found that as 
bed depth Increased, so did the tendency towards plug flow. 
They dissolved the dye of the sample and compared solution 
color intensity in their analysis. Others did not dissolve 
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the dye but measured the intensity of the reflected beam of 
the sample itself (63, 6%). Morris et al, (64) found that 
above 1,5 times the critical gas velocity the bed essentially 
behaved as a perfectly mixed system. At gas velocities below 
this, the residence time tended to correspond to piston flow. 
The tendency towards piston flow increased with decreasing gas 
velocity, increasing bed height and increasing solids flow 
rate, A newer method has been developed which eliminates 
sfflnple taking when dyed materials are used. It consists of a 
light probe which measures the reflectivity "in situ" (%J, 
A different type of probe has been used to measure the 
particle flow pattern in a fluidized bed (60A). This is a 
modified themistor anemometer probe, Wace and Burnett (90) 
also measured the flow pattern in a gas fluidized bed. They 
used photography and a visible tracer gas in a two dimensional 
bed, van Deemter (89) used a tracer gas to conduct steady-
state and transient gas mixing tests to check the two phase 
theory of the gas solid fluidized bed. 
Different radioactive tracers have been used by a number 
of investigators (11, ^ 2, ^9A), Huntley £t al, (Lf.2) 
used radioactive Krypton 8^  in the nitrogen gas stream. Using 
step or impulse injections of the tracer, they studied the gas 
residence time distribution in the bed. They observed the 
tracer with a scintillation detector which could only see 
gamrorà radiation, Kondukov at al, (I|5'A, l+^ B) continuously fol­
lowed a radioactive particle in a bed and determined mixing 
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rates and particle trajectories. 
One of the newest and most unique methods of studying 
solids mixing in a fluidized bed has been reported by Jinescu 
et al, (%3). The method involves freezing the bed with the 
aid of paraffin wax. In conjunction with photographic and 
visual observatior^ , the data is used for the determination 
of the diffusion coefficient of the solid particles, 
Kozulin and Kulyamin (I|.6) were the only investigators 
that studied the mixing of fine agglomérative powders. Using 
a flat agitator blade above the distributor to promote fluidi-
zation, they reported that a mixture was made homogeneous 
within 1"^  minutes of fluidization time. They reported that 
the optimum mixing conditions were a bed depth of 1,5 times 
the bed diameter and a gas velocity three times the critical 
value. 
There are many theoretical treatments which deal with 
mixing and residence time distributions in mixing systems (10, 
1^ , 23A, 63, 87B, 88, 91, 92, 93). Weidenbaum (91) gave 
a complete review of the methods which have been used to ana­
lyze and correlate mixing data in general. He covered both 
the statistical analysis methods and the rate equations which 
have been used. Since Weidenbaum*8 publication, a number of 
papers on mixing have appeared in the literature, 
DeBaun and Katz (23A) discussed the approximation of 
residence time distributions for perfect mixers, a one-
dimensional diffusive system and cascades of simple mixers 
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in terms of the probability distributions of chi-square sta­
tistics, They used the chi-square approximation to solve 
transient analysis problems and the smoothing of random inlet 
concentration fluctuations, Vance (88) discussed a method of 
applying chi-square statistics for predicting the performance 
of dry blenders which takes into account the effects of sample 
size and the number of samples, Katz (%) discussed a sta­
tistical analysis of some mixing problems. He considered the 
problem of smoothing out concentration fluctuations by passage 
throu^  cascades of stirrer tanks, Katz formulated the prob­
lem from the point of view of probability, in terms of the 
theory of random processes. He then applied the solution to 
various sources of fluctuations in the system. 
In a recent review of the present theorië# of solids 
mixing, Gren (35^ B) discussed the inadequacies of the present 
theories. He discussed the mechanisms of mixing including 
diffusion, convection and shear and discussed various rate 
equations, and the fact that very little work has been done in 
the area of simulation of the mixing operation on digital and 
analog computers. Gren pointed out that over 2^  different 
mixing coefficients have been proposed, 
Lloyd and Yeung (^ 9B) recently reviewed the published 
work on the mixing of powders. They concluded that the best 
mixing coefficient, out of the thirty some that have been pro­
posed for comparison of mixers, is based only on the between-
sample standard deviation. They recommended the following 
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equation: 
s = 
where p is the measure proportion and p is the mean proportion 
of N samples. They based their conclusion on the fact that 
the fluctuations between samples are the primary concern of 
industrialists, 
Recently more publications have appeared which are con­
cerned with the mixing in fluidized beds. Valchar {87B) used 
functions derived from probability theory to describe the 
character of agitation in a multi-stage fluid bed reactor. In 
his theoretical analysis, he considered the residence time of 
particles in the individual stages of the reactor to be a 
random variable with continuous probability distribution. 
Valchar assumed perfect mixing in each stage of the fluidized 
bed and found that a number of stages in series gives a more 
equal distribution of particle residence times than one stage. 
Piston flow was approached as the number of stages was in­
creased. 
Nicholson and Smith (69) studied solids blending in a 
fluidized bed. They investigated the parameters of gas flow 
interruption, bed diameter, bed height, gas velocity and par­
ticle size and density on the rate of blending of two layers 
of dissimilar particles. The experimental blending rate for 
short times was correlated with a first order rate equation 
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based on the observed variance and the theoretical variance 
based on a binomial distribution. Their expression was: 
-i] 
a2 a: experimental variance 
2^ ss theoretical variance for a binomial 
distribution 
k = first order rate constant 
t = time 
Nicholson and Smith also related the blending rate to the gas 
bubble diameter as predicted by the two phase theory of aggre­
gative fluid! zat ion. 
The two phases of the two phase theory of fluidization 
are: a dense-phase made up of particle aggregates and sur­
rounding gas, a gas bubble phase of high vertical gas veloc­
ity, van Deemter (89) determined a vertical diffusion coeffi­
cient for the dense-phase gas and the gas interchange between 
the dense-phase and the bubble phase from gas mixing experi­
ments without assuming equal diffusIvity of the solids and 
dense-phase gas. He derived expressions for gas back-mixing 
and for the standard deviation of the gas residence time dis­
tribution, van Deemter showed that the eddy diffus ivity of 
the dense-phase gas and the rate of mass transfer between the 
two phases may be determined with the aid of mixing tests. 
kl 
Mori and Nakamura (63) were able to describe horizontal 
mixing in a fluidized bed with a one dimensional Pick*3 law 
diffusion equation. They found the diffusion coefficient to 
be dependent on gas velocity and static bed height, and also 
a function of the bubble diameter, 
Burovi and Svetozarova (1^ ) used a mathematical model of 
the drying process in a fluidized bed for determining mixing 
coefficients. This method is based on the fact that if the 
drying kinetics are known, a mathematical model for the rela­
tionship between the mixing coefficient and the distribution 
curve for the degree of drying can, based on drying experi­
ments, result in a corresponding mixing coefficient, 
Tallby and Cocquerel (83) were able to describe their 
continuous fluidized bed mixing results with the expression; 
F(t) = 1 - exp (-vt/V) 
F(t) = step function response of fraction of 
tracer material in exit stream at time t 
V = solids bulk volumetric flow rate throu^ 
the bed 
V = bed volume 
t = time 
For perfect mixing, P(t) is equal to the fraction of tracer 
material in the bed, 
Morris ^  al, (64) used the above function to describe 
some of their continuous fluidized bed mixing results. They 
also discussed another model which described some of their 
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data. This model divides the bed into a perfect mixing zone 
and a deadspace where solids bypassing occurs. The equation 
is: 
1 - P(t) « h expf-hvt/mV) 
m = fraction of the total volume which is 
perfectly mixed 
l-m « fraction of the total volume which is dead 
space 
1-h = fraction of the feed which is short circuited 
to the outlet without mixing 
Morris ^  al« (6l|.) also considered Pick's undimensional 
diffusion law for describing particle mixing in a fluidized 
bed. However, no experimental agreement with the theory was 
found. They concluded that either the mixing process is not 
diffusional or that the diffusivity varies greatly throughout 
the bed. 
Wolf and Resnick (92, 93) advocate the use of an P func­
tion, similar to those discussed above, for the description of 
residence time distributions of continuous flow systems. The 
F function used by Wolf and Resnick is described by the fol­
lowing equation: 
for t>e and P(t) = 0 for 0<b<€ 
P(t) = residence time function 
t = time 
-ji = coefficient of the exponent 
G = system phase shift 
6 = average residence time 
Along with perfect mixing and plug flow, this model includes 
the possibilities of deadspace, short circuiting, error in 
average residence time determination, lag in response and any 
combination of these. 
m 
EXPERIMENTAL INVESTIGATION 
Apparat us 
A acheraatic drawing of the apparatus used for making the 
fluidization tests is shown in Figure 1. Compressed nitrogen 
was used directly from the shipping cylinders as the fluidiz*-
ing agent. As the gas flowed from the cylinder pressure 
regulator to the system at approximately 30 psig, its temper­
ature was measured by the in-line thermometer. Then the gas 
pressure was reduced to 10 psig by the system pressure reducer 
so that the rotameters would be operating in the pressure 
range where they were calibrated. 
From the rotameters, the gas flowed into the bottom of 
the fluidization column. The column inlet gas pressure was 
measured by an open end manometer containing carbon tetra­
chloride, The gas distributor plate was an 8 inch diameter, 
1 inch thick porous alundum disc, mixture P2120, made by the 
Norton Company of Worcester, Massachusetts, The disc had an 
average pore diameter of 60 microns and a permeability of 9.5 
darcies. This gas distributor was found to give the best 
fluidization in.a comparison of gas distributors by Fried 
(31). The details of the column bottom are shown in Figure 
2B. 
From the porous plate, the gas flowed up through the bed, 
out the top plate and through an entrainment filter. The 
pressure drop across the fluidized bed was measured by a water 
Figure 1. Schematic drawing of the fluidization apparatus 
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manometer. The entralnment filter was a Pall cartridge fil­
ter, Model MCC1001EG16 with cartridge MOSIOOIEG, made by the 
T, M, Pall Corporation, Cortland, New York, After being fil­
tered, the clean gas was then discharged to the atmosphere. 
The column itself was a vertical ^  ft flanged Pyrex glass 
pipe with an inside diameter of 6 inches. 
The details of the top of the column are shown in Figure 
2A. The mercury seal prevented the fluidizlng gas from es­
caping around the agitator shaft. The seal had a volume of 
approximately If. em? and was one inch deep. This allowed a 
maximum pressure drop of roughly 13 cm of water. The pressure 
drop across the seal was measured by a small open end manom­
eter to prevent "blowing" the seal. 
The remaining apparatus on the column top consisted of 
the bearings and bearing housing for the short drive shaft. 
The purpose of this was to prevent the agitator shaft from 
wobbling. The drive shaft was coupled to the motor shaft with 
a flexible rubber hose coupling. 
The agitator was designed so that it was geometrically 
similar to the one used by Kozulin and Kulyamin (i}.6). It was 
a small paddle mounted on the end of a strai^ t § inch diam­
eter stainless steel tube. At the top, the tube was slipped 
over the 3/8 inch diameter drive shaft shown in Figure 2A. 
The agitator itself is shown in Figure 20. The total blade 
length was 5» 7^  inches and it was ^ /6 inch hi^  and l/8 inch 
thick. It was located 3/16 inch above the porous plate. 
0^ 
The motor used for driving the agitator was a "Servo-
Dyne" laboratory drive system made by Cole-Parmer Instrument 
Company of Chicago. The motor and its control unit formed a 
constant speed, variable torque system. The control unit put 
out a d-c millivolt signal which was proportional to the motor 
torque required by the agitator*. After calibration it was 
found that the d-c signal was directly proportional to the 
motor torque and independent of motor speed within the experi­
mental speed range used in this investigation. The d-c milli­
volt torque signal was recorded by a Beckman Offner type R S 
Dynograph I|62 recorder. 
Figure 3A illustrates the mechanical set-up for the motor 
calibration of motor torque signal versus motor torque at dif­
ferent speeds, A chuck was put on the motor shaft, a pulley 
was put into the chuck jaw and the motor was mounted horizon­
tally, Six pound test monofilament fish line was used to 
suspend a pan with various wei^ ts vertically below the pul­
ley, The weights were raised at different speeds and the 
signal output recorded. Then knowing the wel^ t and the pul­
ley diameter, the torque was calculated. The monofilament was 
used so that its effect of changing the lever arm radius as it 
wound up on the pulley could be neglected. The weight of the 
fish line was minute compared to the pan wei^ ts and the 
changing weight of the suspended filament could also be 
neglected. 
With the pulley used, the maximum speed that could 
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Figure 3A. Schematic drawing of motor calibration system 
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actually be checked was 100 rpm. It was found that at a given 
torque, the signal output was independent of the speed at 
which the wei^ ts were lifted, in the range tested. Figure 3B 
shows a portion of the motor calibration curve. 
After the motor was calibrated, the motor was mounted on 
top of the column and the torque requirements of the rubber 
coupling, the bearings and the mercury seal were checked. 
They were all found to be negligible. 
Materials 
The following materials were studied to varying degrees 
in this investigation, 
A straight grade, untreated and unbleached wheat flour 
milled from Michigan soft white winter wheat was used. The 
wheat flour particle size ranged from 1 to 70 microns with the 
average size in the range of 3^  to I|.0 microns. The flour had 
a bulk density of 0,5^ 3 gm/cm^ , 
The 1^  Hi-Sil flour used in the study was the above flour 
with Yfo Hi-Sil 233 (based on flour weight) added and thor­
oughly mixed with a portable cement mixer, Hi-Sil 233 is a 
precipitated, hydrated silica with a particle diameter of ,022 
microns made by the Pittsburgh Plate Glass Company, 
Pure Apgo corn starch was also used in the investigation. 
It had a bulk density of lik lb/ft^  and a true density of 
1,1+8 gm/cm^ . The particle size range was from 2 to 21; mi­
crons, The number average particle size was 9.2 microns while 
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Figure 3B. Motor torque signal versus actual motor torque 
calibration curve 
the wei^t average particle size was 1^,1 microns, 
Microthene MN 70I, a low density powdered polyethylene 
resin manufactured by U. S, Industrial Chemical Corporation 
Was studied briefly. The smallest particles had a diameter of 
about 120 microns and the largest particles were approximately 
I4.20 microns in diameter. The particles were Irregular in 
shape and the bulk density was approximately 0.^3 gm/cm^. 
Titanium dioxide was one of the materials which Kozulin 
and Kulyamln studied (ij.6). It was felt that this might be the 
best substance to duplicate to see if comparable results could 
be obtained. The titanium dioxide used by Kozulin and 
Kulyamln had the following properties: 
The titanium dioxide which came closest to duplicating these 
properties was Tltanox PMA titanium dioxide made by Titanium 
Pigment Corporation, This pigment was cream in color and had 
the following properties: 
An attempt was made to fluldize bismuth subcarbonate 
reagent powder with the aid of the stirrer in the fluidlzlng 
bulk density 
true density 
size range 
average particle diameter 
,636 gm/cm^ 
3,8lf gm/cm3 
0-30 microns 
15^ microns 
bulk density 
true density 
size range 
average particle diameter 
1.37 gm/cm^ 
3,8 gm/cm^ 
0-30 microns 
16 microns 
column. The material was made by Matheson Coleman and Bell 
and had a true density in the neighborhood of 8,5" gm/cm^. The 
bulk density was about lbs/ft^. 
Pure Microthene PN500, also made by H. S. Industrial 
Chemical Corporation, was the last material studied. It was a 
microfine polyethylene powder made up of spherical particles 
which had an average particle size less than 20 microns. The 
bulk density was 17 to 20 lbs/ft^. 
Experimental Procedures 
Two types of experimental runs were made to determine the 
feasibility of fluidizing the materials with the aid of me­
chanical stirring, and to study the bed characteristics by 
suitable measurements. The two types of runs were constant 
gas velocity with varying stirrer speed and constant stirrer 
speed with varying superficial gas velocity. In addition ex­
periments were carried out at essentially constant stirrer 
speed and constant gas velocity for the purpose of studying 
entrainment and mixing. The various procedures are described 
below. 
Constant superficial gas velocity runs 
1. Sufficient material was placed in the column to pro­
vide the desired static bed hei^t, 
2, The gas flow was increased rapidly from zero to a 
medium level and then the stirrer speed was increased 
quickly from zero to ^ 0 rpm and these conditions were 
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maintained for about 2 minutes. 
3. The stirrer was stopped, then the gas flow was stopped 
and the bed was allowed to contract and the initial 
unpacked bed hei^t measurement was made. 
The gas flow rate was set at the desired level. Then 
the following were measured: 
a, gas temperature 
b, pressure at the rotameter 
c, column inlet pressure 
d, pressure drop across the bed 
e, pressure drop across the seal 
f, bed expansion 
5. The recorder was turned on and with the gas flow 
rate still the same, the stirrer was started at 
13.5 rpm and the above readings were repeated along 
with the motor torque. 
6. The stirrer was speeded up Increment ally and the 
readings taken again, 
7. After the measurements were taken at the hi^iest 
motor speed for a given gas flow, the stirrer was 
stopped and then the gas was shut off. 
Const ant stirrer speed runs 
1,2,3, Steps 1 through 3 were made as in the constant gas 
velocity runs. 
4. The gas flow rate was then adjusted to the maximum 
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to be used and a set of readings, as previously 
listed, were taken, 
5, Then the stirrer was turned on and set at the desired 
speed setting on the control box and readings taken 
again, 
6, The gas flow-rate was decreased incrementally and 
another set of readings taken at the same speed, 
7, After the readings were taken at the lowest gas flow 
rate, the stirrer was stopped and then the gas flow 
stopped, 
Entrainment 
1,2,3» Steps 1 through 3 were made as in the constant gas 
velocity runs. 
The gas flow rate was then adjusted to the desired 
value, 
5, Then the stirrer was turned on to the desired speed 
setting on the control box and a set of fluidization 
data readings, as previously listed, was taken, 
6, The freeboard was measured, 
7, After fluidizing for a determined length of time, 
usually 5 to 10 minutes, the stirrer and gas flow 
were stopped. The amount of material cau^t by the 
entrainment filter was then weighed, 
8, Steps 1 through 7 were repeated at the same condi­
tions for a number of entrainment periods. 
^8 
Metallic salt crystals, for example C0Cl2*6H20 or 
MnClg'^IEgO, were ground up and screened through a 
200 mesh (70 micron openings) screen for use as a 
tracer. 
Approximately 1 per cent of the tracer weight of 
Hi-Sil 233 was added to the tracer, mixed and the 
mixture rescreened through the 200 mesh screen to 
insure fluidity and good mixing of the tracer with 
the flour. 
Sufficient material was placed in the column to pro­
vide the desired bed height, 
If the bed was to be conditioned, it was fluidized 
for 30 minutes or longer with a superficial gas 
velocity of O.23 ft/sec and a stirrer speed of ^ 0 
rpm before being shut down for tracer addition. 
Enough tracer was sprinkled on top of the bed ma­
terial in the unfluidized state to amount to ^-20 
parts per million in the solutions resulting from a 
1 gram sample of flour. 
The fluidization, at the desired gas flow rate and 
stirrer speed, and sampling were started simulta­
neously. The samples were taken every 15 or 30 
seconds from an exhaust port located just above the 
gas distributor plate. See top pressure tap in 
Figure 2B. 
^9 
7. Approximately one gram samples were weighed out 
exactly. The tracer was then dissolved in methanol. 
Using filter aid the flour was filtered out of the 
solution and the cake rinsed with methanol. The 
filtrate containing the tracer was diluted to 100 ml 
with methanol and then analyzed for tracer concen­
tration with the Perkin-Elmer 290 atomic adsorption 
spectrophotometer. 
Results and Discussion of Results 
The results of all the experimental runs for the various 
materials are given in the Appendix in tabular form. The 
tables are arranged so that the results of the constant gas 
velocity runs (Tables 15', 17, 19, 21, 23) are followed by the 
results of the constant stirrer speed runs (Tables 16, 18, 20, 
22, 2l|.) for the following sequence of materials; pure wheat 
flour, 1 per cent Hi-Sil flour mixture, starch, large Micro-
thene, titanium dioxide powder. The constant gas velocity 
runs show the effect of changes in stirrer speed on bed ex­
pansion, pressure drop, stirrer torque and power for a given 
bed depth and a given gas velocity. The constant stirrer 
speed runs show the results of changes in gas velocity on the 
system properties while the bed depth and stirrer speed were 
held constant. Then the entrai noient data (Tables 25", 26) are 
listed for pure wheat flour followed by the Hi-Sil flour en-
trainment data. These data give the amount of material 
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carried out of the system as a function of time for various 
sets of operating conditions. Appendix Table 27 gives the 
results of the mixing experiments for both pure wheat flour 
and the 1 per cent Hi-Sll flour mixture. These data are 
normalized tracer concentrations as a function of time for 
various sets of operating conditions. Some typical results 
given in these tables are also presented in graphical form in 
the following pages for illustrative purposes. 
The per cent expansion was calculated according to the 
following formula: 
.expanded .initial static. 
per cent eipanalon = " f l b e d ^ h e l g h t  )  
The motor torque required by the agitator was read out as 
a d-c millivolt signal on the recorder. This signal was 
translated into the corresponding torque in inch-pounds of 
force from the calibration curve, Figure 3B, The power in 
kilowatts was then calculated according to the following 
formula: 
kilowatts = 
X = motor torque, inch-pounds 
Y = motor speed, rpm 
Z = 2tt radians/revolution 
Q = ^ ,31 X 10^(inch-pounds)/(mlnute) (kilowatt ) 
The tracer concentration obtained by atomic adsorption 
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analysis of the mixing samples was divided by the weight of 
the sample. This concentration was then made dimensionless 
and normalized by dividing the parts of tracer per gram of 
sample by the steady-state average concentration value. This 
data, x/xgg, was then plotted versus time. 
The variance of the normalized steady state cojioentra-
tions was used as a measure of homogeneity of the mixture. 
This variance was calculated using the following formula: 
N 
S (=~ - 1)^ 
_2 1 Zss 
where IT is the number of steady-state observations. 
General fluidization charact eristics 
The characteristics which will be discussed under general 
fluidization characteristics will be: fluidization quality, 
minimum fluidization velocity, pressure drop across the flu-
idized bed, bed expansion and torque and power requirements. 
These will be discussed for each of the materials studied 
starting with pure wheat flour. 
Pure wheat flour The following ranges of variables 
were used when studying the fluidization of pure wheat flour. 
The unfluidized bed depth ranged from 10 to 30 inches, the 
superficial gas velocity ranged from 0,0^ to 0,ij. ft/sec and 
the stirrer speed ranged from 0 to 110 rpm. The pure wheat 
flour data are listed in Tables 1^ and 16 in the Appendix, 
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The first experimental runs were made with the apparatus 
to see if it is possible to fluidize pure, unadulterated wheat 
flour using the stirrer in the fluidizing column. For these 
runs the unfluidized bed depth was about 10 inches. 
It was found that it is possible to fluidize pure wheat 
using the flat bladed stirrer located just above the gas dis­
tributor. Otherwise fluidization was impossible. However, 
the fluidization would have to be classified as "cohesive". 
Little or no bed expansion took place with the stirrer 
stopped at any given gas flow rate. But only a few révolu-
tions per minute of the stirrer were necessary to stop chan­
neling and allow expansion of the bed. 
The circulation of the solids in the stirrer fluidized 
bed was good. The flour flowed up the center of the column 
and down the sides. At low bed depths and high gas flows 
there was bubbling, similar to a boiling liquid, in the center 
of the bed, but not near the sides of the column. The co-
hesiveness of the fluidization was illustrated by the fact 
that at low depths the bubbling was not extensive. As the 
flour moved down next to the wall of the column, there was 
movement of gas between the particles, but no relative motion 
between the particles. At high bed depths bubbling became 
more extensive and there was a great deal of relative motion 
between the particles throughout the bed. 
Shuster and Kislisk (80B) evaluated the quality of flu­
idized beds by measuring the magnitude and frequency of 
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pressure drop fluctuations across a section of the bed. As 
the bed approached a high quality of fluidization, the fluctu­
ations decreased in magnitude and increased in frequency. 
Good fluidization had small, rapid fluctuations. 
While the pressure drop across the wheat flour bed was 
measured by a manometer and not recorded in the present in­
vestigation, some visual qualitative observations were made. 
These observations agreed with those of Shuster and Kislisk 
(80B), At superficial gas velocities greater than 0,1 ft/sec, 
the manometer oscillations were small and the bed was uniform. 
But at some lower gas velocity, usually around ,08 ft/sec, the 
manometer oscillated wildly and the bed degenerated in fluidi­
zation quality. At this gas velocity the top of the bed be­
came like a mountain range. Most of the gas would go up one 
channel around the turning stirrer shaft and there was no 
uniform flour circulation. Eventually the bed would stop 
fluidizing and start spewing flour up around the shaft, like 
a spouted bed (5^2), 
Morse and Hallow (65*6) used a capacitometer probe to 
measure the uniformity and quality of fluidization. They con­
tinuously and instantaneously measured bed density near the 
probe. Poor fluidization was made apparent by large devia­
tions from the average bed density. The wheat flour system 
could be analyzed along this same line since torque should be 
directly related to bed density. Thus, large oscillations in 
the torque requirement indicated large deviations in the bed 
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density and poor fluidlzation. Figure 3C illustrates the re­
corder strip chart of torque when the gas velocity was changed 
from .167 to .08 ft/sec. At the higher velocity the oscilla­
tions were small in magnitude. After lowering the gas veloc­
ity, the oscillation magnitude became large indicating large 
instantaneous changes in bed density as the agitator turned 
throu^ the bed. The quality of fluidization was poor at 
.08 ft/sec. Figure 30 also shows the rate at which the bed 
degenerated when the gas velocity was lowered. The strip 
chart velocity was 1 mm/sec. The chart shows that after about 
60 seconds from the change in gas velocity the torque had 
leveled off at a higher level. The torque requirement more 
than doubled. The distances between the maximum and minimum 
peaks changed from about 2 mm to about 7 i®ti when the gas 
velocity was reduced. This deterioration in fluidization 
quality was not as apparent at hi^er bed depths. 
As previously stated, the fluidization of the pure wheat 
flour in the stirred bed was relatively cohesive. This co-
hesiveness was characterized by small interpartiole movement, 
smaller than for other materials, for example the flour-
Hi-Sil mixture, in a fluidized bed. 
Other investigators have also studied the fluidization of 
fine, cohesive powders using a stirrer located above the gas 
distributor. In a similar study Kozulin and Kulyamin (l|6) 
found that fine, 0-30 micron diameter, metallic oxides formed 
a vortex in the fluidized bed when the stirrer speed was 
2 0  
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Figure 30. Torque signal strip chart for a change in gas velocity from 
0.167 ft/sec to 0.08 ft/sec for pure wheat flour 
Parameters: unfluidized bed depth = 10 inches 
stirrer speed = 13.^ rpm 
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greater than 60 rpm. They cited this as evidence of the 
analogy to the mixing of some suspensions and liquids, and 
therefore a basis for the hypothesis that the power required 
is governed by a relation similar to that for liquids. How­
ever, in the wheat flour system no such vortex appeared even 
at stirrer speeds up to 110 rpm. If anything, a slight apex 
was produced by the normal upflow of material in the center of 
the column. 
Figures If throu^ 9 illustrate typical results for the 
stirred fluidized bed of pure wheat flour. Figures l|., and 
8 show the results of some constant gas velocity runs for dif­
ferent stirring speeds and bed depths. These graphs show that 
for a given superficial gas velocity, the bed expansion in­
creased as the stirring speed was increased up to about 2^ rpm 
but beyond this point a further increase in stirring speed 
had little effect. Inmost cases, the pressure drop across 
the bed increased slightly with the initial addition of stir­
ring, but did not change with further increases in the stirrer 
speed. See Figures 5" and 8, 
For very low gas velocities, the torque requirement de­
creased sharply with Increasing stirrer speed until a speed of 
^0 rpm was attained. Thereafter the torque requirement was 
constant. See Figure For medium and higher gas velocities 
the torque requirement was essentially independent of stirring 
speed. See Figures ^ and 8, Since power is the product of 
torque and speed, the curves of power versus speed are related 
Figure l\.. Properties of fluidized bed of pure wheat flour 
versus agitator speed 
Parameters: superficial gas velocity = ,066 ft/sec 
unfluidized bed depth = 9.5 inches 
bed weight = 2230 gms 
'RPM 
Figure Properties of fluidized bed of pure wheat flour 
versus agitator speed 
Parameters: superficial gas velocity = ,208 ft/sec 
unfluidized bed depth = 9»5' inches 
bed weight = 2230 gms 
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Figure 6, Properties of fluidi-zed bed of pure wheat flour 
versus superficial gas velocity in ft/sec 
Parameters: agitator speed = 2^ rpm 
unfluidized bed depth = 9.^ inches 
bed weight = 2230 gms 
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Figure 7. Properties of fluldized bed of pure wheat flour 
versus superficial gas velocity in ft/sec 
Parameters: agitator speed = 82 rpm 
uâfluidized bed depth = 9.5 inches 
bed weight = 2230 gms 
IN -1. 
Figure 8, Properties of fluidized bed of pure wheat flour 
versus agitator speed 
Parameters: superficial gas velocity = ,23 ft/sec 
unfluidized bed depth = 29.^ inches 
bed weight = 7300 gms 
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Figure 9. Properties of fluidized bed of pure wheat flour 
versus superficial gas velocity 
Parameters: agitator speed = 82 rpm 
unfluidized bed depth = 29,5" inches 
bed weigjat = 7300 gms 
decreasing gas velocity = o 
increasing gas velocity = x 
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to the torque versus speed curves. Thus, where the torque was 
Independent of speed, the power was a simple linear function 
of the speed. In the region where the torque decreased as 
speed increased, the power curve increased only slightly as 
the speed increased. 
Figures 6 ,  7 ,  and 9  illustrated some typical results of 
the constant stirrer speed runs for the stirred fluidization 
of pure wheat flour. Figures 6 and 7 show that the bed ex­
pansion increased sharply at first and then more gradually as 
the gas velocity increased. This gives the appearance of two 
regions, one corresponding to small gas velocities and the 
other to large velocities. Figure 9 shows that with deeper 
bed depths, the two regions are not as noticeable since a 
nearly smooth curve was obtained. As with the expansion. 
Figure 6 shows that the pressure drop across the bed increased 
with increased gas flow up to a point and thereafter the pres­
sure drop Was fairly independent of gas flow rate. This same 
tendency is sli^tly indicated in Figure 7 while Figure 9  
shows an erratic curve of pressure drop versus gas velocity 
for deeper beds. Figure 9 shows that as the gas velocity is 
decreased from a hi^ value the pressure drop falls off to a 
minimum and then sharply and erratically rises. This minimum 
pressure drop is in the nei^borhood of the critical gas 
velocity. This pressure minima also seems to be reproduce able 
for both increasing and decreasing gas velocities. See Figure 
9. 
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All three figures (6, 7, and 9) show the same type of re­
lationship of torque to gas velocity. At low gas velocities, 
a slight increase in gas velocity brou^t about a large de­
crease in the torque requirement until the gas velocity 
reached some critical value. For increases in gas velocity 
beyond this critical value, the torque requirement changed 
very little. Since the stirrer speed was constant for these 
runs, the power curve had the same shape as the torque curve. 
The minimum fluidization velocity or the critical point 
is the gas velocity where the bed changes from a fixed bed to 
a fluidized bed. The most widely used method of determining 
the critical gas velocity (minimum fluidization velocity) in­
volves locating the intersection of the fixed and fluidized 
bed pressure drop curves. The method is illustrated in Figure 
10 where the critical gas velocity for an unfluidized bed 
depth of 10 inches of pure wheat flour in the agitated system 
is ,085"-ft/sec. 
Looking back at Figure 6, the point at which the pressure 
drop curve levels out (critical point) corresponds roughly to 
the intersection of the tangents to the fixed and fluid bed 
regions of the expansion and torque curves. This seems to 
Indicate that another method of determining the critical gas 
velocity is to use the expansion versus gas velocity curve. 
Like the pressure drop across the bed, increasing the gas 
velocity increases the per cent expansion of the bed below the 
point of incipient fluidization. Above the critical point, 
Figure 10, Dlmensionlesa pressure drop (^g) ^or pure 
wheat flour versus superficial gas velocity 
Parameters: stirrer speed = 2^ rpm 
unfluidized bed depth = 9.^ inches 
bed weight = 2230 gms 
I 
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the bed does not expand as rapidly with increasing gas veloc­
ity, However, the determination of the critical gas velocity 
from the expansion curves loses its applicability at hi^er 
bed depths. For example the top curve of Figure 9 does not 
exhibit fixed and fluidized bed regions. 
The pressure drop curves present the same problem as the 
expansion curves, they aren*t easy to use at high bed depths. 
In Figure 6 both the expansion curve and pressure curve ex­
hibit fixed and fluidized bed conditions. Both yield roughly 
the same critical gas velocity. But in Figure 9 the expansion 
curve is losing its boundary between the two regions. The 
pressure drop reaches a minimum with decreasing gas velocity 
and fuit her decreases in gas velocity result in increasing 
pressure drop making it difficult to obtain a critical gas 
velocity. It was found that deeper beds had erratic pressure 
drop curves regardless of the agitator speed. 
As previously stated, the torque curve in Figure 6 also 
indicates the same critical point. Thus the most reliable 
method of determining the critical gas velocity which can be 
used for all conditions is from the torque or power curves re­
sulting from the constant stirring speed runs. This is the 
method described by Kozulin and Kulyamln (i|.6). The data of 
Kozulin and Kulyamln formed straight lines and were very easy 
to interpret. The wheat flour system has a rounded torque 
curve rather than a definite fixed bed line and fluidized bed 
line. However, the same type of relationship is present. If 
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the fixed and fluidized bed tangent lines are drawn as shown 
in Figure 11, they give an incipient superficial gas velocity 
of ,085^ ft/sec which is in good agreement with the other 
methods discussed. 
Figure 12 gives another view of the effect of gas veloc­
ity on stirrer power requirements. Figure 12 shows plots of 
power versus stirring speed with gas velocity as the param­
eter. It illustrates the fact that for gas velocities from 
ft/sec, the power required by the agitator was the 
same at a given stirring speed. But when the gas velocity 
was ,102 ft/sec, the curve was shifted and more power was re­
quired at any agitator speed. This would seem to indicate 
that the bed was more dense. When the superficial gas veloc­
ity was ,08 ft/sec, in addition to a further shift upwards, 
the shape of the curve is changed and has zero slope in the 
low rpm region. The cause of this mi^t be that the gas 
velocity is below the critical value and that the energy for 
fluidization is being supplied by the agitator. As more agi­
tator energy is supplied at higher rpm the bed approaches a 
fluidized state and the curve assumes the same shape as the 
fully fluidized curves, except at a hi^er power level because 
of the higher bed density. This change in the shape of the 
curve would then indicate that the critical gas velocity lies 
between ,08 and ,1 ft/sec for an unfluidized bed depth of ten 
inches. This is another way of indicating the critical gas 
velocity. However, the method would be very time consuming 
Figure 11, Torque requirements for pure wheat flour vevsva 
superficial gas velocity 
Parameters: stirrer speed = rpm 
unfluidized bed depth = 10 inches 
TORQUE (iH-LBi) 
CRITICAL VaLOCiry 
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Figure 12. Power versus stirrer speed for pure wheat flour 
Parameter: gas velocities = .08-.ft/sec 
unfluldized bed depth = 10 inches 
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experimentally and not very sensitive. 
Using Leva's (^2) equation for the critical gas velocity, 
*06 ^ .88 
where: V = incipient fluidization velocity (ft/sec) 
Dp = particle diameter (in.) 
= fluid density (Ib/ft^) 
Pg = solids density (Ib/ft^) 
y = fluid viscosity (centipoises) 
the calculated value for pure wheat flour is approximately 
,06 ft/sec. 
Table 1 results from applying the power or torque curve 
tangent intercept method to the data. The critical gas veloc­
ity ranges from ,065' to ,110 ft/sec. The critical gas veloc­
ity is essentially independent of the agitator speed and un-
fluidized bed depth in the ranges studied. 
The critical gas velocities found are in very good agree­
ment with those reported by Fried and Wheelock (32) for wheat 
flour containing anti-agglomérants, Pried (31) also reported 
that for an unagitated fluidized wheat flour system containing 
1^ Hi-Sil 233, the critical velocity was independent of bed 
depth. 
The data from the constant gas velocity runs (for example 
Figures If, 8) show that as the agitator speed was in­
creased, the bed expansion increased slightly. However, as 
89 
Table 1, Incipient fluldization velocity data from torque 
curves for pure wheat flour 
Unfluidized bed depth 
(inches) 
RPM Incipient 
velocity 
(ft/sec) 
9.5 25 .085 
.085 
82 .100 
13.0 25 .070 
.065 
15.0 25 .075 
82 ,080 
19.5 25 ,110 
82 .085 
29.5 25 .090 
82 .080 
the bed depth was increased this expansion with increasing 
agitator speed became smaller and it became negligible with a 
bed depth of 30 inches. 
The bed expansion increased almost linearly from 25 to Ij.5^ 
per cent with an increase in gas velocity from .1 to .i|. ft/sec 
at constant agitator speed and low bed depth. Deeper beds re­
sulted in an increase in the bed expansion from 2$ to 6^ per 
cent under the same conditions. Thus the expansion increased 
with bed depth at any gas velocity above the critical. Table 
2 illustrates the increase in per cent expansion with in­
creasing bed depth. 
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Table 2, Per cent expansion of agitated fluidized bed of pure 
wheat flour at 25' rpm and with a gas velocity of 
.3 ft/sec 
Unfluidized bed depth Per cent expansion 
(inches) 
9.5" 33 
13.0 i|.2 
1^ .0 49 
19.^  2^ 
29.5 56 
When the expansion data obtained in this study is com­
pared to that reported by Pried (31), the coheslveness of the 
fluidlzation of the pure wheat flour in the agitated bed is 
brou^t out. Using the ant leaking agents, Fried found that 
well fluidized beds of flour generally had a per cent expan­
sion in the range of 50 to 100, In this study, the same 
linear gas flow rates were used and the per cent expansion of 
the stirred fluidized bed ranged from 25 to 65 per cent. 
All of the pressure drop data from the constant gas 
velocity runs Indicate that the pressure drop across a well 
fluidized bed of pure wheat flour is independent of stirrer 
speed. See Figures !{., 5, and 8, 
The pressure drop versus superficial gas velocity curves 
have the usual fixed and fluidized bed regions and are normal 
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for the lower bed depths. This is illustrated in Figure 10, 
Figure 10 also illustrates the fact that the dimensionless 
pressure drop, AP/(M/s), did not reach a value of 1,0 for the 
system. 
For higher bed depths, as the gas velocity was decreased, 
the pressure drop remained constant, then fell to a minimum 
and then erratically rose to some value roughly equal to the 
fluidized bed pressure drop at very low gas flow rates. See 
Figure 9, 
The data in Table 3 might indicate that the dimensionless 
pressure drop is increasing with increasing bed depth. How­
ever this cannot be concluded since the increase of ,03 from a 
bed depth of 13 inches to 29,5^ inches is less than the experi­
mental error. Table 3 illustrates the fact that the dimen­
sionless pressure drop did not reach a value of 1.0 for the 
unadulterated, agitated fluidized bed of flour. The value of 
0,8^ is similar to the value found by Fried (31) for wheat 
flour containing Vfo Hi-811 in a 6 inch diameter bed with a 60 
inch bed depth. 
As previously stated the fact that the dimensionless 
pressure drop did not reach a value of one suggests several 
things. There is a possibility of pressure measuring errors 
near the gas distributor. There may have been channeling and 
stagnant areas in the bed. There also may have been an in­
ternal structure formed in the bed so that the bed was not 
completely suspended by the gas. These may be the same 
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Table 3. Effect of bed depth on pressure drop across the 
well fluidized bed. Superficial gas velocity = 
.25' ft/sec 
TJnfluidized 
bed depth 
{inches) 
Bed weight 
(gma) 
AP (in HgO) ap/(m/s) 
(dimensionless) 
9.5 2230 3.6 .75 
13.0 3100 5.5 .82 
15.0 3730 6.7 .83 
19.5 4770 8.7 .85 
29.5 7300 13.4 
00 
•
 
reasons why the dimensionless pressure drop was considerably 
less than one for the most of the other materials studied. 
The only torque and power requirements considered here 
are those which correspond to a superficial gas velocity 
greater than the minimum fluidization velocity. 
During the constant gas velocity runs with pure wheat 
flour, as the agitator speed was increased, the torque some­
times decreased to minimum value. See Figure A possible 
explanation for this is that at the low speeds thé bed is not 
completely fluidized and as the agitator speed increases, the 
bed becomes more fluidized and less dense and the torque de­
creases, The sli^t increase in torque as the speed is in­
creased past the point of minimum torque is similar to the be­
havior exhibited by materials which are easily fluidized. 
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materials which do not require stirring for fluidization to 
take place, for example the titanium dioxide pigment and the 
large Microthene, 
The constant rpm runs show a reasonable relationship be­
tween gas velocity and the torque requirement. As the gas 
velocity is increased, the bed expands, becomes fluidized and 
the torque gradually drops off because of the decreased den­
sity of the bed. Then beyond the critical gas velocity the 
bed expands slightly and the torque decreases slightly. The 
data shown in Table l; indicates that increasing the bed depth 
increases the bed density which in turn increases the torque 
requirement, 
Since, for the constant rpm runs, the power differs from 
the torque by only a constant, the curves are similar. But 
for the constant gas velocity runs, the power is directly re­
lated to the agitator speed. Figure 13 contains the power 
versus rpm curves for all bed depth values. Ninety-six per 
cent of the 2^0 data points fell within the indicated band. 
For the speed range used, this band can be fairly well repre­
sented by a straight line such as the one indicated. The 
approximate equation for this linear relationship is; 
Kw = m (rpm) for 0 < rpm < 110 
where m = .36i|. x 10"^ Kw/rpm 
It should be noted that the similar plot given on Figure 12 Is 
not as linear. Figure 12 contains only the lowest bed depth 
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Figure 13, Power requirements for pure wheat flour versus 
stirrer speed for all gas velocities above the 
critical value (0,11 ft/sec) and an unfluidized 
bed depth in the range of 9.5 to 30.0 inches 
Table I4., Relationship of torque to bed depth and bed 
density at ^0 rpm for pure flour 
Unf luidized 
bed depth 
(in.) 
Mass 
(gm) 
Gas 
velocity 
(ft/sec) 
Per cent 
expansion 
Pluidized 
height 
(in, ) 
p bed 
(gra/in3) 
Torque 
(in-lbp) 
9.2 2180 .33 if2 13.8 2.29 .22 
13.2 3090 .36 22 20.9 2.22 .24 
12.22 3780 .33 22 23.6 2.69 .26 
19.2 4970 .33 29 31.0 2.69 .27 
29.0 7600 .33 61 46.7 2.77 .30 
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studied. As more data was accumulated with the deeper beds, 
the relationship became more linear, 
Hi-Sil flour Pried (31) studied the fluidization 
characteristics of Hi-Sil flour mixture extensively. This 
system was also studied during the present investigation for 
the sake of comparison. During the present study of the one 
per cent Hi-Sil flour mixture, the unfluidlzed bed depths used 
were 9.5, 1^.0 and 29,0 inches while the stirrer speed ranged 
from 0 to 110 rpm and the superficial gas velocity ranged from 
0,03 to 0,4 ft/sec. The results of the constant gas velocity 
runs are given in Table 17 of the Appendix and Table 18 of the 
Appendix contains the results of the constant stirrer speed 
runs for the 1 per cent Hi-Sil flour mixture. Figures 14 
through 17 in this section illustrate some typical results 
found with the mixture. In general, the relationship between 
the bed characteristics and the parameters were the same as 
those of the pure wheat flour system. 
The fluidization quality of the Hi-Sil flour system was 
generally very good, regardless of the absence, presence or 
level of stirring. Compared to the pure flour system, the 
Hi-Sil fluidization was much smoother with more and faster 
random circulation. Sometimes the addition of stirring did 
noticeably increase the expansion of the bed (see Figure ll\.) 
and resulted in a better quality of fluidization. This effect 
of stirring was most apparent at low bed depths and low gas 
flow rates. Occasionally a small amount of channeling was 
Figure 14. Properties of fluidized bed of 1 per cent Hi-Sil-
flour mixture versus stirrer speed 
Parameters: superficial gas velocity = .33 ft/sec 
unfluidized bed depth =9.5' inches 
bed weight = 22I|.0 gms 
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Figure 15", Properties of fluidized bed of 1 per cent Hi-Sil 
flour mixture versus superficial gas velocity 
in ft/sec 
Parameters unfluidized bed depth = 9 inches 
bed wei^t = 21^0 gras 
o = 0 rpm 
A = 2^ rpm 

Figure 16. Properties of fluidized bed of 1 per cent Hi-Sil-
flour mixture versus stirrer speed 
Parameters: superficial gas velocity = .33 ft/sec 
unfluidized bed depth = 29.0 inches 
bed weight = 7630 gms 
/y/ 
Figure 17, Properties of fluidized bed of 1 per cent Hi-Sil-
flour mixture versus superficial gas velocity in 
ft/sec 
Parameters; unfluidized bed depth = 29,0 inches 
bed weight = 7630 gms 
0=0 rpm 
A = 25 rpm 
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eliminated by stirring. 
At low gas velocities, regardless of whether or not the 
bed was being stirred, the bed behaved like the pure flour 
system. As the gas velocity was increment ally decreased to 
0,08 ft/sec, the bed would begin to channel and finally col­
lapse and stop circulating. When the gas velocity was around 
0.06 ft/sec, the only observable bed movement left was a 
spewing up of flour around the stirrer shaft. The bed expan­
sion and pressure drop curves for Hi-Sil flour in Figures 1^ 
and 17 illustrate the fact that expansion and fluidization, 
with stirring, was possible at lower gas velocities than with­
out stirring. 
The incipient fluidization velocities for Hi-Sil flour 
found in this investigation by the tangent intercept method 
from the torque curves ranged from 0,07-0,95^ ft/sec. This 
agrees with Pried*s (31) range of O.o6 to 0,10 ft/sec. 
The bed expansion of the Hi-Sil flour system was con­
siderably higher than the pure wheat flour system at the same 
conditions. Above the critical point the expansion data agreed 
with that of Pried (3i) and was in the range of 5*0 to 100 per 
cent. The pressure drop across the fluidized bed of Hi-Sil 
flour was slightly higher than across the pure flour. The 
dimensionless pressure drop was never greater than one. One 
of the most apparent differences between the Hi-Sil flour and 
pure flour systems was the lower stirrer torque and power re­
quirements for the Hi-Sil flour, Pigure II). shows the lower 
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El-811 flour torque requirement when compared to Figure ^  for 
pure flour, Another difference can be observed when comparing 
these two figures. The torque requirement for the easily 
fluidlzed Hl-Sll flour Increases linearly with stirrer speed, 
St arch The method of fluidlzing pure starch, which 
has been shown fluidizable using anti-caking agents (2, 29, 
30), with mechanical stirring was investigated briefly. Gas 
velocities ranging from 0,03 to 0,37 ft/sec and stirring 
speeds ranging from 0 to 110 rpm were studied for three bed 
depths: 10,5, 17.29,5' inches. 
At first visual observations of the process were diffi­
cult, This was because the starch had a pronounced tendency 
to stick to the sides of the glass column. It could not be 
determined whether this was caused by electrostatic attrac­
tion or van der Waals forces. However, this sticking tendency 
did decrease somewhat with time, possibly because of some 
drying that took place. At higher gas flow rates where the 
materials movement was greater, some cleaning took place and 
some visual observations could be made. 
The quality of the stirred fluidization of starch was 
very similar to that obtained with pure wheat flour. It was 
cohesive. At low gas velocities the starch descended in 
layers with occasional rising bubbles mixing the layers, 
At high bed depths it was noted that when there was no 
stirring the, bed pressure drop manometer oscillated greatly. 
The fluidization was better at hi^er bed depths than at lower 
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bed depths and velocities. There was lots of bubbling, like 
the boiling action of a regular liquid, above ,16 ft/sec. The 
only problem was the starch hitting the column wall above the 
bed tended to stick and cake on the wall. 
Table 19 of the Appendix gives the results of the con­
stant gas velocity runs using pure corn starch. Figure 18 is 
a typical example of the data. Figure 18 shows that the bed 
expansion was considerably lower for the starch than for the 
pure flour. The pressure drop was also lower. The torque and 
power requirements were about the same as those for pure flour. 
Table 20 of the Appendix gives the results of the con­
stant stirrer speed runs for the pure corn starch. Here, as 
with the constant gas velocity runs, the same general rela­
tionships were found for starch as for pure flour. Figure 19 
shows some typical results. Since the pressure curve Is 
fairly flat, it is difficult to find a critical gas velocity 
from the pressure curve. It does not exhibit as much bend 
near the critical point as did the pure flour pressure drop. 
The starch did not expand until after the critical gas veloc­
ity had been reached. This is opposite to the pure flour 
system which expanded mostly before the critical gas velocity 
was reached and not as much after. Figure 19 also illustrates 
the fact that the minimum fluidlzation velocity, for the 
starch from the power curve was about the same as that of pure 
flour. 
The procedure for the constant rpm runs always followed 
Figure 18, Properties of fluidized bed of pure corn starch 
versus stirrer speed 
Parameters : superficial gas velocity = .168 ft/sec 
unfluidized bed depth = 10.^ inches 
bed weight = 2800 gms 
f p 
Figure 19. Properties of fluidized bed of pure corn starch 
versus superficial gas velocity in ft/sec 
Parameters; stirrer speed = 82 rpm 
unfluidized bed depth =9.5" inches 
bed wei^t = 2ij.00 gms 
X = increasing gas velocity 
0 = decreasing gas velocity 
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the path of decreasing gas velocity. To answer the question 
of whether or not the same critical gas velocity would be 
found by increasing the gas rate instead of decreasing it, two 
checks were made. For these checks the gas rate was decreased 
to the minimum and then increment ally increased back to the 
maximum. Figures 9 and 19 show that there was no pronounced 
hysteresis effect by either the pure wheat flour or the 
starch. 
Large Microthene Even though the large Microthene 
polyethylene particles were irregular, they were quite large. 
As a result the large Microthene fluidized perfectly with or 
without stirring. The smoothness of the fluidization was re­
flected by the manometers which were very steady. There were 
no oscillations whatsoever during the fluidization of the 
Microthene, The fluidization of this larger powder was in­
teresting from the standpoint that it served as a blank run of 
sorts for the stirred fluidized bed. 
The experimental results for constant gas velocity runs 
and the constant stirrer speed runs are given in Tables 21 and 
22 respectively of the Appendix, Only one bed depth (9,5 
inches) was studied over the stirrer speed range of 0-110 rpm 
and gas velocity range of ,03-,4 ft/sec. Figures 20 and 21 
are examples of typical results. Figure 20 shows that stirrer 
speed had no effect on the bed expansion and only a slight 
effect on the pressure drop. The torque and power require­
ments were quite low and unlike the pure flour, did change 
Figure 20, Properties of fluidized bed of large polyethylene 
powder versus stirrer speed 
Parameters: superficial gas velocity = ,168 ft/sec 
unfluidized bed depth = 9.5^ inches 
bed weight = 1875" gms 
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Figure 21, Properties of fluidized bed of large polyethylene 
powder versus superficial gas velocity in ft/sec 
Parameters; unfluidized bed depth = 9.5^ inches 
bed weight = 18?^ gms 
o = 0 rpm 
A = 25" rpm 
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with stirrer speed, similar to the also easily fluidized Hi-
Sil flour. 
In addition to giving the results of a constant stirring 
speed run. Figure 21 illustrates that the incipient gas veloc­
ity, as found from the pressure drop curve, is also approxi­
mately the same as the break points in the expansion, torque 
and power curves. 
Once the gas velocity reached the critical value, the bed 
did not expand with further increases in gas velocity as did 
the other materials. The maximum, dimensionless pressure drop 
did approach one more closely than any of the other materials 
reaching a value of 0,96. Stirring did seem to shift the 
pressure curve to the left for the unfluidized region. See 
Figure 21, Also, when the gas velocity was above the critical 
value, the torque and power requirements for the large Micro-
thene were very small. 
Titanium dioxide As previously stated, it was felt 
that the titanium dioxide powder mi^t be the best material 
for comparing experimental systems with Kozulin and Kulyamin 
(46),  
Opposite to the findings of Kozulin and Kulyamin, it was 
found here that the Titanox PMA fluidized very well without 
stirring. The only apparent difference between the Titanox 
and the titanium dioxide powder used by Kozulin and Kulyamin 
was the bulk density. The Titanox had a bulk density which 
was twice that of the other investigators* powder. This mi^t 
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be a result of different particle shape. The Titanox may be 
spherical or regular shaped which would allow greater packing 
and a higher bulk density. The shape may also make it more 
fluidizable. Here again, as with the large polyethylene pow­
der, the Titanox served as a blank material for the stirred 
fluidized bed. 
Two bed depths, 9.5" and 18 inches of the titanium dioxide 
powder were studied. The gas velocity ranged from ,03 to ,i!| 
ft/sec and the stirring speed ranged from 0 to 110 rpm. 
The results of the constant gas velocity runs for the 
Titanox are given in Table 23 of the Appendix while Table 21; 
contains the results of the constant stirrer speed runs. 
Figure 22 illustrates a constant gas velocity run. As 
with the polyethylene powder, the bed expansion and pressure 
drop did not change with changes in stirrer speed between 0 
and 110 rpm. The torque and power requirements were low and 
exhibited the same general relationships to stirrer speed as 
the large Microthene powder. The torque exhibited the same 
linear increase with stirrer speed as the Hi-3il flour torque. 
Figure 23 illustrates some constant stirrer speed results 
for the Titanox powder. Here the torque and power curves show 
the same general relationships as for the other materials. 
However the bed expansion curve shows results which are incon­
sistent with Figure 22, The two expansion curves in Figure 23 
show that stirrer speed affects bed expansion while stirring 
did not seem to affect expansion for the results shown in 
Figure 22. Properties of fluidized bed of titanium dioxide 
powder versus stirrer speed 
Parameters: superficial gas velocity = ,168 ft/sec 
unfluidized bed depth =9.5^ inches 
bed weight = 675b gms 

Figure 23 0 Properties of fluidized bed of titanium dioxide 
powder versus superficial gas velocity in ft/sec 
Parameters: unfluidized bed depth = 9.^ inches 
bed wei^t = 67^0 gras 
0=0 rpm 
A = 25" rpm 
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Figure 22, Figure 23 also shows that the Titanox system had 
less bed expansion and pressure drop when the system was 
stirred, than when it was not stirred which is opposite to the 
effects noted with the Hi-Sil flour and large polyethylene 
system. 
The Titanox did exhibit a lower critical gas velocity 
than the other materials and a lower pressure drop than the 
Hi-Sil flour system and polyethylene system. 
Bismuth subcarbonate An unsuccessful attempt was made 
to fluidize bismuth subcarbonate reagent powder with the aid 
of the stirrer. This material is so fine and cohesive that in 
the bulk state, it can form little balls or agglomerates up to 
0.1 inch in diameter. 
Initial attempts to fluidize the powder were with gas 
velocities up to 0.33 ft/sec. However, the flow rate was too 
low to do anything and the stirrer was frozen in the powder. 
The motor overloaded when it was turned on. 
It seemed that a high gas velocity and rapid stirring 
might Work, It was possible to get the stirrer started and 
keep it going at 75 rpm when the gas velocity was O.ij.2 ft/sec. 
But this was short lived. The normal up-flow in the center of 
the bed started, but not the down flow along the column wall. 
The material stacked up along the wall until a "vulcano" was 
formed. Then nothing happened except for the stirrer turning 
and all the gas going up the center cavity. An illustration 
of the final result is shown in Figure 2^A. 
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Figure 2l;A. Illustration of result of attempt to fluidize 
bismuth sub carbonate powder 
12  ^
There are two possible methods to remedy this problem. 
One would be to locate other blades at various heights through 
the bed to break up the stacked material. Another method 
might be the one described by Mayer and Roberts (610). This 
involves adding larger particles to a bed of finely divided 
particles of iron ore to promote fluidizatlon. This might 
also work on the carbonate powder since it also has a high 
true density. 
Fine Microthene The attempt to fluidize pure Micro-
thene FN 5^00 was also unsuccessful. This material is very 
sticky in the pure state. This material also forms agglom­
erates and is very non^fluent because of its waxiness, Enou^ 
of the fine, spherical polybhylene powder was put into the bed 
to provide an unfluidlzed bed depth of 8 inches. F luidizatlon 
at any gas velocity was impossible. The gas all went up 
around the agitator shaft. It was very difficult to even get 
the stirrer to turn. Then when the stirrer did turn, the 
entire bed rotated like one solid wax cylinder. 
Comparison of results obtalned with different materials 
A comparison of the incipient fluidizatlon velocity, bed ex­
pansion, pressure drop and torque and power requirements is 
presented for the different materials which were fluldized. 
The materials were pure wheat flour, 1 per cent Hi-Sil flour, 
starch, large Microthene and titanium dioxide powder. Com" 
parisons will be made for the following fluldized bed charac­
teristics: Incipient fluidizatlon velocity, bed expansion. 
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dimensionless pressure drop and torque and power requirements. 
Some o f  the incipient fluidization gas velocities found 
for the materials studied are listed in Table 5", These gas 
velocities were all found by the tangent intercept method from 
the torque or power curves. The critical gas velocity for all 
the materials was independent of bed depth. 
For the materials which did not require the presence of 
stirring for fluidization, the presence of stirring seemed to 
lower the incipient point. See the pressure and expansion 
curves of Figure 17. This is similar to the observations of 
Hall and Crumley (38). The ability to fluidize at lower gas 
velocities with stirring than without, is not nearly so 
noticeable in the case of the large Microthene, Only a small 
difference is shown on the pressure curve. See Figure 21. 
An opposite effect was found when the fluidlzable ti­
tanium dioxide was studied. Here the pressure drop snd bed 
expansion of the stirred system were lower than for the non-
stirred system. However, the system was stabilized by the 
stirring in that the pressure drop did not fall off at low gas 
velocities as it did for the non-stirred bed. The break point 
on the expansion curves is also at a lower gas velocity for 
the stirred bed. See Figure 23, 
When considering the constant gas velocity runs, the bed 
expansion of all the materials was not affected much by a 
change in stirring speed once the stirrer reached 25' rpm. All 
the beds, except those containing the large Microthene and the 
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Table 5^, Incipient fluidization velocity 
Materi al Unfluidizéd 
bed depth 
(inches) 
Stirrer 
speed 
(rpm) 
Incipient 
velocity 
(ft/sec) 
Pure flour 9.2 22 .082 
82 .100 
12.0 22 .072 
82 .080 
29.0 22 .090 
82 .080 
Hi-Sil flour 9.2 22 .09 
14.0 22 .092 
82 .087 
29.0 22 .073 
St arch 10.2 22 .09 
17.2 
82 .083 
22 .10 
82 .11 
29.2 22 .10 
82 .11 
Large Microthene 9.2 22 .06 
Titanium dioxide 9.2 22 .02 
18.0 22 ,06 
titaniiira dioxide, expanded with the addition of stirring. 
When the stirring speed was constant, the expansion of the 
fluidized Hi-Sil flour bed increased from about 20 to 70 per 
cent while the superficial gas velocity was increased from the 
incipient point to O.^O ft/sec. As the bed was made deeper, 
the expansion ranged from Ij-O to 70 per cent over the same gas 
range. This agrees with the results of Pried (31). The 
maximum expansion during runs was about the same regardless of 
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the stirring speed. 
One of the major differences between the fluidized beds 
of pure wheat flour and starch was the relatively small bed 
expansion of the starch bed under the same fluidizing condi­
tions, The constant stirring speed runs showed an expansion 
increase from 0 to 20 per cent while the gas velocity ranged 
from the critical point to 0,I|. ft/sec for the starch. The 
deep bed expansion ranged from 0 to 2^ per cent over the same 
gas range. See Figure 19. 
The expansion of the large Microthene was independent of 
both stirrer speed and gas velocity above the critical point 
and up to four times the incipient. The maximum expansion was 
30 per cent. See Figures 20 and 21. 
A difference in the titanium dioxide system was thab as 
the bed was made deeper, the expansion decreased instead of 
increased. And as previously stated, stirring decreased the 
pressure drop and expansion, opposite to the other materials 
studied. Another inconsistency here is that the constant gas 
velocity run indicated that stirring speed has no effect on 
expansion while the constant stirring speed runs indicate that 
rpm does affect expansion, "See Figures 20 and 21, 
Table 6 lists some expansion data taken for different bed 
depths and gas velocities for the materials. This data was 
taken from the constant gas velocity runs and is the maximum 
expansion. All the gas velocities are above the incipient gas 
velocity for the materials. 
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Table 6. Maximum expansion results from constant gas 
velocity runs 
Material TJnfluidized Gas velocity Per cent 
bed depth (ft/sec) expansion 
(inches) 
Pure flour 9.2 .183 32 
.33 42 
12.0 .17 39 
12.0 .33 23 
29.0 ,168 42 
29.0 
.33 60 
Hi-Sil flour 9.2 ,168 27 
9.2 .332 66 
14.0 ,168 28 
14.0 .332 64 
29.0 .168 64 
29.0 .332 61 
St arch 10,2 ,168 2 
10,2 .332 10 
17.2 ,168 14 
17.2 .332 20 
29.2 ,168 17 
29.2 .332 27 
Large Microthene 9.2 ,168 28 
Titanium dioxide 9.2 ,168 74 
18.0 ,168 26 
Moat of the materials studied in this investigation had 
a dimensionless pressure drop significantly less than 1.0, An 
important conclusion for all the materials studied regarding 
the pressure drop is that it is independent of the stirrer 
speed once there is enpu^ stirring to promote fluidization. 
Table 7 gives some of the pressure drop findings. 
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Table 7, Stirred fluidized bed pressure drop ( dimension! es s ) 
Material Bed depth Bed weight AP(max) AP/(M/S) 
(inches ) (gm) (inches H^O) 
Pure flour 2230 3.6 0.75 
15.0 3730 6.7 0.83 
29.5 7300 13.4 0.85 
Hi-Sil flour 9.5  2243 4.5 0.90 
14.0 35ï^9 7.0 0.92 
29.0 7634 15.3 0.93 
8tarch 10.5 2800 3.0 o.5o 
17.5 7.0 0.71 
29.5 7878 13.5 0.79 
Large Microthene 9.5 1875 3.9 0.96 
Titanium dioxide 9.5 6753 12.8 0.88 
18.0 12120 20.4 0.78 
The dimenaionless pressure drop across the starch bed was 
considerably lower than that across the flour bed. Also, in 
the case of starch, the pressure drop across the deeper beds 
tended to increase with increasing gas velocity over the en­
tire range of gas velocity. 
Basically, two classes of materials were studied, those 
that require stirring for fluidization and those that don*t. 
The materials belonging to the first class are pure wheat 
flour and starch. The stirrer torque and power requirements 
for the pure starch bed were the same as those of the pure 
flour bed at the same conditions. Almost all of the starch 
power versus stirrer speed data fell into the same band as 
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that for the pure flour in Figure I3, The linear approxima­
tion for this band is given in Figure 2I4.B, 
The materials belonging to the second class are Hi-Sil 
flour, large Microthene and titanium dioxide powder. Even 
though stirring was not needed for fluidization, there was a 
measurable torque requirement for these materials. One of the 
main differences between the two classes of materials is that 
the torque requirement for the easily fluidized materials in­
creased with stirrer speed. The torque requirement for the 
pure flour and starch was essentially constant over the range 
of stirrer speed studied. 
Figure 21|.B shows that the power curves for all the bed 
depths and gas velocities for the easily fluidized materials 
are lower than the pure flour and starch curve. The titanium 
dioxide powder did have higher power requirements than the 
Hi-Sil flour and the large Microthene at high stirring speeds. 
This may be due to the much higher density of the titanium 
dioxide powder, 
Entrainment 
Since pure wheat flour is so cohesive, it was hypothe­
sized, that the entrainment rate from a fluidized bed of pure 
flour would be smaller than from a fluidized bed of a less 
cohesive material such as a flour Hi-Sil mixture. To prove 
this hypothesis the entrainment rates for both systems were 
measured and compared. 
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Figure 21|.B. Power requirements versus stirrer speed for all 
gas velocities above the critical value and un-
fluidized bed depths in the range of 10 to 30 
inches 
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All of the entraliment data obtained for the pure wheat 
flour and the 1 per cent Hi-Sil flour systems are listed in 
Appendix Tables 25' and 26 respectively. 
As the fluidization was started at a given set of condi­
tions, a certain amount of bed material was thrown up into the 
space above the bed, caught in the rising gas stream and 
carried out of the column. After some time, a measurable 
amount of solids had been carried out of the bed and caught by 
the entrainment filter. The amount entrained increased with 
time and could be calculated as a percentage of the original 
bed wei^t, For a given set of conditions, the percentage of 
the bed entrained as a function of time formed a straight 
line. These results are similar to those of Fried (31). Some 
typical entrainment data are given in Figures 25" and 26. 
Three observations can readily be made about these re­
sults. One is that stirring speed, up to 110 rpm which was 
the highest studied, had no effect on entrainment, A second 
is that entrainment increased with gas velocity, A third 
observation concerns the main point of the investigation. It 
is that the fluidized mixture of flour and Hi-Sil gave higher 
entrainment rates than pure wheat flour. The results are 
summarized in Table 8 and Figure 27. 
Figure 27 shows the entrainment rate of both systems 
plotted against gas velocity. It shows that not only was the 
Hi-Sil flour entrainment rate hl^er, but the rate also in­
creased faster than the entrainment rate of pure flour with 
Figure 2^, Per cent of fluidized bed of pure wheat flour entrained versus 
time with gas velocity in ft/sec and freeboard as parameters 
Figure 26, Per cent of fluldized bed of 1 per cent Hi-Sil flour 
mixture entrained versus time with, gas velocity in 
ft/sec and freeboard as parameters 
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Figure 27. Entrainment rate data for flour and a mixture of flour and Hi-Sil 
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Table 8, Entrainment results 
Material TJnfluidized Gas Freeboard Entrainment 
bed depth velocity (inches) rate (^/min) 
(inches) (ft/sec) 
1% Hi-Sil flour 20.22 
Pure flour 
.17 28.0 .027 
.23 27.0 .071 
.37 27.2 .12 
23.2 .17 23.2 .022 
.23 24.0 .060 
.37 23.0 .133 
29.2 .17 14.0 .036 
.23 16.0 .072 
18.2 .23 31.2 .008 
.29 31.2 .029 
.37 31.0 .036 
23.0 .23 23.8 .002 
.29 22.8 .020 
.37 22.2 .030 
29.0 .23 14.2 .006 
.29 12.2 .019 
increasing gas velocity. 
All of the entrainment data was taken in the 2 ft hi^ 
column. The results also indicate that the effect of bed 
depth and/or freeboard (vertical distance between the top 
surface of the fluidized bed and the top of the column) ap­
peared to be small in the range of bed depths observed. 
The entrainment data obtained in this investigation 
agreed with the entrainraent rates predicted by the correlation 
developed by Fried and Wheelock (32) for the 1 per cent Hi-Sil 
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flour. Table 9 gives a summary of some specific values for 
comparison. 
Table 9# Comparison of measured entrainment rates to rates 
predicted by Pried and Wheelock correlation for 
1 per cent Hi-Sil flour mixture 
Unfluidlzed 
bed depth 
(ft) 
Freeboard 
(ft) 
Superficial 
gas velocity 
(ft/sec) 
Entrainment rate 
(lb)/(hr)(ft2) 
actual predicted 
1.7 2.3 .17 .92 .99 
.23 2.48 1.7 
.37 2.2 4.0 
1.92 1,96 .17 1.03 1.27 
.23 2.46 2.18 
.37 2.46 2.16 
2,1+6 1.22 .17 1.89 2.24 
.23 3.78 3.82 
Mixing 
Experimental mixing of wheat flour As previously 
stated, the procedure used to study mixing was to measure the 
concentration of tracer in samples taken from the bottom of 
the fluidization column as a function of time for a given set 
of operating conditions. The tracer was sprinkled on top of 
the settled bed before the start of each mixing run. The 
actual data for all of the runs are given in Table 27 of the 
Appendix for the two materials studied, pure wheat flour and 
1 per cent Hl-Sil flour, Some of the data are given in this 
section for illustrative purposes. Table 10 shows the overall 
Table 10. Experimental mixing results from a stirred fluidized bed of wheat flour 
Set Run TJnf luidized St irrer Gaa Condi- Dead Mixing Number of Steady-
number number bed depth speed velocity tioning time time steady- st at e 
(inches) (rpm) (ft/sec) (min) (min) state variance 
observa-
tions 
Pure flour 
1 1 13 ^ 22 .144 yes <.2 8.2 30 1.1900 
2 12.2 22 .144 yes 1.0 9.0 30 1.1110 
2 3 12.2 22 .23 yes 1.0 2.0 29 0.0103 
4 11.0 22 .23 no o.2o 7.0 23 0.0172 
3 12.0 110 .23 yes <.2 1.2 30 0.0024 
6 cont inuat ion 32 0.0026 
7 12.5 110 .23 yes 0.2 2.2 22 0.0042 
k 8 13.2 22 .33 yes <.g 1.0 31 0.0086 
9 12.0 22 .33 no <.2 1.0 24 0.0147 
10 22.2 22 .23 W <.2 0.2 32 0.0949 
6 11 23.22 22 .23 yes 1.2 4.0 21 0.0192 
12 22.2 22 .23 yes 1.0 3.2 23 0.0114 
Hi-Sil flour 
7 13 12.72 22 .23 yes <.22 1.0 32 0.0078 
14 12.72 0 .23 yes <.22 0.22 29 0.0087 
i^This bed consisted of one-half conditioned flour and one-half new flour. 
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experimental results of the mixing study of wheat flour in a 
stirred fluidized bed. 
Essentially two bed depths were used for mixing, 12 and 
23 inches. Three gas velocities (0.1i|., 0,23 and 0.33 ft/sec) 
were used in conjunction with three stirring speeds (0, 25" and 
110 rpm), 
Since one of the tracers used was colored some visual 
observations were possible. At the start of fluidization, the 
trac.er would blend in with the flour near the top of the bed 
and the blending would gradually move down the bed in a plug 
flow type migration so that the tracer could be found through­
out the bed after a small period of time. With conditions 
where the fluidization was not as turbulent and the mixing was 
not as great the tracer would move down the column as part of 
the normal bed circulation and only be slightly mixed in with 
the flour, When the tracer reached the bottom of the column 
it became mixed in during the upflow of solids in the bed. 
In making a run, sampling was started at the same time as 
the fluidization. The concentration of tracer in the samples 
started out at zero and increased as time progressed. After 
some time, the tracer concentration of the samples leveled 
off, Througjhout a run there was considerable scatter in the 
sample concentrations. 
The final concentration of tracer could not be calculated 
but had to be determined from the experimental data. This is 
because an undetermined amount of tracer was entrained or 
142 
stuck to the agitator shaft or the column walls. 
Perfect mixers achieve instantaneous homogeneity. If the 
agitated batch fluidized bed were perfectly mixed, it would 
mean that the tracer concentration would jump instantaneously 
to the final overall average value as soon as mixing was 
started. This did not happen with the pure wheat flour bed. 
There are two possible reasons why. One is that the stirred 
fluidized bed was not running at time zero. Just being 
started. There was probably some finite time required to 
initiate fluidization. The other reason is that the bed was 
probably not perfectly mixed. 
In general, the fluidized bed of pure wheat flour became 
more like a perfect mixer as the gas velocity and stirrer 
speed were increased. Other investigators (IjO, 6i|., 83) have 
also found, as it was found here, that increasing the gas 
velocity made the bed more like a perfect mixer. At constant 
gas velocity, increasing the stirrer speed decreased the 
mixing time and increased the homogeneity of the mixture. 
The mixing time is defined here as the time necessary to 
reach the final average concentration value. In some cases, 
especially at low gas velocity, for example Runs 1 and 2, the 
mixing time was difficult to pinpoint. Part of this diffi­
culty was due to the scatter in the experimental data (lack of 
homogeneity) found in the mixture in these runs. Figure 28 is 
an example of some of the mixing data for the Hi-Sil flour 
mixture. Note the very short mixing time for the system. 
Dimensionless, normalized concentration versus time for a mixing 
test using 1 per cent Hi-811 flour mixture 
Parameters: unfluidlzed bed depth = 12.75" Inches 
stirrer speed = 25" rpm 
superficial gas velocity = ,23 ft/sec 
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The measure of homogeneity used in this investigation was 
the variance of the sample to sample concentrations after the 
system reached an apparent steady-state. In other words this 
was the variance of the samples that were scattered about the 
final average concentration after the bed had been fluidized 
for some time. For example in Figure 28 this would be the 
variance of all the samples taken after 15" seconds had elapsed 
from the start of fluidization. This variance was calculated 
by using the equation given at the beginning of the Results 
and Discussion Section, 
The results indicated that increasing the stirrer speed 
and increasing the gas velocity both increased the homogeneity 
of the mixture. Run 6 was a continuation of Run 5^, The re­
sults of Run 6 indicated that the mixture did not become more, 
or less, homogeneous upon further fluidization. When com­
paring the conditioned beds. Runs 3, 11, and 12 show that in­
creasing the bed depth increased the mixing time. 
In Runs 1 and 2 the hi^ concentration values of some of 
the samples (Appendix Table 27) are not errors. These runs 
were made with relatively low gas velocities. The fluidiza­
tion quality was poor. There was no bubbling and hardly any 
inter-particle movement. As a result, the tracer moved down 
the column wall, following the normal solids circulation, 
without being mixed in with the flour. This led to slugs of 
tracer showing up in the samples, and the overall result of 
the low gas velocity was that the mixture exhibited a high 
I!t5 
degree of non-homogeneity. 
It should be noted that all of the runs had deadtimes of 
at least 0,25" minute or longer. This is because it was 
physically impossible to take the samples any faster than 0,25" 
minute apart. And in some runs, the samples were taken 0,5^0 
minute apart. Figure 28 illustrates the fact that the Hi-Sil 
flour system closely approached the perfectly mixed batch 
case, almost instantaneously reaching the final concentration 
value. When comparing Runs 3 and ij. to 13 and' lij. the Hi-Sil 
flour runs had a lower mixing time and a higher degree of 
homogeneity. This again points out the cohesive nature of the 
fluidization of the pure wheat flour, that is, when compared 
to the Hi-Sil flour where the fluidization was very smooth and 
the interparticle movement was faster and more random. 
Regardless of the cohesive nature of the fluidization of 
pure wheat flour, it was found that the stirred fluidized bed 
was a good dry solids blender for the flour as evidenced by 
the low mixing times, 
A simple statistical analysis was made of the effects of 
different variables on the mixing time. Between the different 
sets, different variables were changed. For example, between 
Sets 2 and 3 there was a change in stirrer speed. 
However, the only sets for which a mixing time variance 
could be calculated within a set were 1, 3 and 6 because of 
non-duplication of conditioning in the other runs. The vari­
ance for the mixing time for these sets, listed in Table 11, 
Table 11* Statistical analysis of mixing time for conditioned beds 
Set niomber Bed Stirrer G-as 
(refer to hei^t speed velocity 
Table 10) (inches) (rpm) (ft/sec) 
Average nimber of Mixing time 
mixing observations variance 
time 
(min) 
1 12.2 22 .III 8.72 2 .121+ 
2 12.2 22 .23 2.0 1 -
3 12.2 110 .23 2.0 2 .200 
4 13.0 22 .33 1.0 1 -
6 23 22 .23 3.72 2 .124 
li+7 
was calculated from the data of Table 10 according to the 
formula: 
It was assumed that the average mixing times in Table 11 
resulted from samples of which were from normal populations 
whose variances were equal, so that a Student » s t test could 
be made to check for significant changes in the mixing times. 
The variance used in the test was an average of the three 
variances listed in Table 11, S^ = 0*25'. This is a pooled 
variance calculated for n^ + n^ + ng -3 or 3 degrees of free­
dom. The test statistic t value was calculated according to 
the formula; 
For a significant change in mixing time, the absolute value of 
the test statistic calculated must be larger than the Stu­
dent * s two tailed t value with 3 degrees of f&eedom. 
Table 12 shows that at the 95^ per cent level of confi­
dence the only variable change that significantly decreased 
the mixing time was an increase in gas velocity. The compar­
ison of Set 1 to Sets 2 and 4 are the changes from a low gas 
31 
S^ = 2 where (n = 2) 
where ti,tj = average mixing time for a Set 
S = pooled variance 
n^,ni = number of observations in a get 
2 
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Table 12, Statistical significance of effects of variables 
changes on mixing time at 95^ per cent confidence 
level using two tailed test 
Set numbers Variable change Significant Teat Significant 
(refer to t value statistic effect 
Table 10) 
1-2 gas velocity 3.182 11,1 yes 
I'k gas velocity 3.182 12,7 yes 
2-if gas velocity 3.182 l.I|2 no 
2-3 stirrer speed 3,182 0 no 
2-6 bed depth 3.182 2,86 no 
velocity to a medium and a high gas velocity respectively. 
Actually these changes have a significant effect at the 99 
per cent confidence level. The fact that the change in gas 
velocity from a medium to a high level (Sets 2 and 4) is not 
significant indicates that there is some gas flow rate beyond 
which further increases do not significantly change the mixing 
time. At the 95^ per cent confidence level, bed depth and 
stirrer speed changes did not significantly change the mixing 
time. However the bed depth change was significant at the 90 
per cent confidence level, 
Lloyd and Teung (^9B) concluded that the best method of 
comparing mixers was a comparison of the between-sample 
standard deviations. An analysis of this type can be used to 
determine the mixing conditions which will result in the most 
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homogeneous mixture. The steady-state variance listed in 
Table 10 is the between sample variation for any given condi­
tions, A statistical comparison of the variances was made to 
determine whether or not changing the fluidizing conditions 
significantly changed the homogeneity of the resulting mix­
ture, Table I3 gives the results. 
The test used to check for significant changes in mixture 
homogeneity was the P test where the test statistics was com­
puted by the formula: 
p _ large variance 
smaller variance 
If the test statistic P was larger than the F value obtained 
from the statistical tables, then with a certain level of con­
fidence it could be said that the variable change had a sig­
nificant effect on the homogeneity of the mixture. The de­
grees of freedom used for finding the tabular P value were the 
appropriate number of steady-state observations minus one, 
A comparison of the results of Run 3 with those of Runs 1 
and/or 2 show the effect on homogeneity of a change in gas 
velocity from a low to a medium value. The data in Table I3 
shows that there is a hi^ degree of confidence (99^) that the 
low to medium gas velocity change significantly increased the 
homogeneity of the mixture. However, a further increase in 
gas velocity did not increase homogeneity. Thus Runs 3 and 8 
show that changing the gas velocity from a medium to a high 
Table I3. Effect of fluid!zing conditions on mixture homogeneity 
Run numbers Degrees Variable change Significant Teat Significant 
of freedom P value statistic change in 
(refer to .numerator . (per cent mixture 
Table 10) ^ denominat or ' confidence homogeneity 
level) 
1-3 
2-3 
29/28 
29/28 
gas velocity 
gas velocity 
2.72 
2.72 
(99.0) 
(99.0) 
112. 
108. 
yes 
yes 
3-8 28/30 gas velocity 1.62 (80) 1.2 no 
3-2 
3-7 
28/29 
28/24 
stirrer speed 
stirrer speed 
2.70 
2.23 
(99.0) 
(99.0) 
4.3^ 
2.42 
yes 
yes 
13-14 28/31 stirrer speed 1.62 (80) 1.12 no 
3-11 
3-12 
20/28 
22/28 
bed depth 
bed depth 
1.69 
1.67 
(80) 
(80) 
1.86 
1.11 
yes 
no 
3-4 22/28 bed conditioning 1.68 (80) 1.67 no 
8-9 23/30 bed condit ioning 1.63 (80) 1.71 yes 
3-13 28/31 Hi-Sil addition 1.62 (80) 1.32 no 
1^1 
level did not significantly increase the mixture homogeneity. 
Results of Runs 3, 5", and 7 show that for the pure wheat 
flour system there is a high level of confidence (99^) that 
increasing the stirrer speed increases the homogeneity of the 
mixture. However, Runs 13 end ll\. show that the addition of 
stirring to the Hi-3il flour system did not increase the 
homogeneity. This is probably because the Ei-311 flour bed 
fluidizes very well without stirring. 
A comparison of the results of Runs 3, 11 and 12 show 
that the effect of changing bed depth was inconclusive. Thus 
in one case changing bed depth appeared to produce a signifi­
cant change in the results while in another case it did not. 
However, the confidence level was small (80^) even for the 
case where the change appeared significant. 
Regarding the closeness of the test statistic and the 
significant F value, it might be said from Runs 3 and along 
with the comparison of Runs 8 and 9 that bed conditioning did 
increase the homogeneity. However, the confidence level was 
small being only 80#, This conditioning involved fluidizing 
the bed for a time before making the mixing run. During this 
conditioning, drying and probably some attrition took place. 
The wheat flour became less cohesive and as a result inter-
particle movement and bed circulation were better. Thus it 
might be expected that the mixture from the conditioned bed 
would be more homogeneous. 
It cannot be said, with any confidence, that the addition 
152 
of Hi-Sil to the flour increased the homogeneity of the mixing 
process for the intermediate gas velocity. Runs 3 and I3 show 
these somewhat unexpected results. 
adequately describe the experimental mixing results of wheat 
flour in a batch fluidized bed. This model was a three param­
eter system of two perfectly stirred tanks with circulatory 
interflow, one stream containing transport lag or deadtime. 
The three parameters are ratio of tank volumes, recirculation 
flow rate and the deadtime, A schematic drawing of the model 
is shown in Figure 29, The symbols used in the model were; 
Re circulât ory flow rate = F 
Volume of tank 1 = 
Volume of tank 2 = Vg 
Deadtime imposed on system = T 
Dimensionless concentration in tank 1 = 
Dimensionless concentration in tank 2 = Cg 
Dimensionless concentration after lag = 
Time = t 
V^ and Vg were expressed as fractions of the total volume such 
that V^ + Vg = 1,0, The recirculatory flow rate was expressed 
as a fraction of the total volume per unit time. The equations 
which describe this model are: 
Model for mixing A model was proposed and found to 
Tank 1 
1^3 
T 
Figure 29. Schematic drawing of mixing model 
1^4 
dGp 
Ij [cii(t) - C2(t)] Tank 2 it-'*) = 
Lag — G^(t — T) 
The model was programmed on an Electronic Associates, Incor­
porated, TR-ji48 analog computer coupled with an 1120 Vari-
plotter. The analog computer flow diagram for the model is 
given in Figure 30. 
The experimental mixing curves to be simulated were the 
same" as the response curve to a step change. Since there are 
no analog simulations of dead time which have a good response 
to a step change, a second order Fade approximation was used 
for the sake of simplicity (23B). The analog circuit for the 
deadtime approximation is given in Figure 31 where T is the 
deadtime (23b). 
Figure 32 shows the model curves for zero deadtime. When 
the deadtime is zero, the equations which describe the model 
are: 
These two equations have the following analytical solution 
when coupled with the initial condition that Og = 0 and 
Ci = CQ such that the final is one. 
Tank 1 
Tank 2 
-C: •fC 
Figure 30, Two t ank-deadtime mixing model analog circuit 
/o 
Figure 31, Second order Fade deadtime approximation circuit 
Lo: 
u 
9 
(t! 
Figure 32. Effect of recirculation rate and volume ratio on two tank-
deadtime model with, zero deadtime 
1^8 
Og = 1 - Qxp ( -at ) 
where a = P(l/Vj^ + l/Vg) 
The experimental mixing data were plotted as dimension-
less, normalized concentration versus time, so that the final 
experimental concentration had an average value of one. To 
simulate these final value results, it was necessary to sat­
isfy the final condition that the final steady-state value of 
Og be one, corresponding to the experimental normalized steady 
state concentration sampled from the bottom of the fluidizing 
column. The model could satisfy this final condition if the 
appropriate initial condition was imposed on C^, This meant 
that when was small, the initial was large and vice 
versa. 
The model curves were run for deadtimes ranging from zero 
to 2,5' minutes with increments of 0.5^ minute. For each dead-
time three sets of volumes were checked, large and Vg 
small, equal volumes, small and Vg large. The recircula­
tion rate was run at 0.1 and 0.5^ total volume per unit time 
for each volume set. A check with a recirculation rate of 
P = 0.9 total volume per minute showed that the increased re­
circulation from 0.5^ to 0.9 total volume per unit time had a 
small effect compared to changing P from 0.1 to 0.5^ total 
volume per unit time. See Curves 1, 2 and 3 on Figure 32. 
Since Vj_ and Vg appear in the same capacity, the analyt­
ical solution constant a explains why Curves Z| and  ^on 
1^9 
Figure 32 are the same. The effect of changing from equal 
tank volumes to unequal tank volumes was the same as in­
creasing the recirculation rate. This can be seen from the 
expression for the analytical constant a. It increased the 
initial slope of the curve so that the final value and steady 
state were achieved faster. See Figure 32, 
The second order Fade deadtime approximation, unit step 
response starts to rise from the abscissa at 0,5^ T (one-half 
the deadtime) from the origin and completes the response at 
1,5^ T from the origin. The early response rise made it neces­
sary to use a longer than experimental deadtime in the approx­
imation to get the model to respond at the same time as the 
actual experimental data. 
The results given in Table lij. are the result of super­
imposing the model curves on the experimental data and 
choosing the model curve which best fit the data. Figures 33, 
3k and 35" are examples showing both the model curves and ex­
perimental results. 
It can be seen in Figures 33, 34 end 35' that the model 
curve oscillated for a small time and then began to rise and 
gradually took on the final normalized concentration value of 
one, fairly well describing the experimental results along the 
way. The initial oscillations are due to the inadequacies of 
the deadtime approximation used in the model. In Figure 35" 
there is a small degree of overshoot exhibited by the model 
curve. This is a result of changing the model parameters such 
Figure 33. Two t ank-deadt ime model fit for experimental mixing data 
Experimental parameters: superficial gas velocity = ,23 ft/sec 
unfluidized bed depth = 11 inches 
stirrer speed = 2$' rpm 
Model parameters: = ,5" total volume 
Vg = total volume 
P = ,1 total volume per minute 
T =1.5^ minutes 
£>^F£AI/'\k/rrAL DD 7H 
/o 
Figure 314., Two tank-deadtime model fit for experimental mixing data 
Experimental parameters: superficial gas velocity = ,23 ft/sec 
unfluidized bed depth = 22,^ inches 
stirrer speed = 2^ rpm 
Model parameters; = ,9 total volume 
V2 = ,1 total volume 
F = ,1 total volume per minute 
T =1,5^ minutes 
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V, 
Figure 3^« Two tsink-deadtime model fit for experimental mixing data 
Experimental parameters; superficial gas velocity = «23 ft/sec 
unfluidized bed depth = 12,5 inches 
stirrer speed. = 110 rpm 
Model parameters: total voliame 
Vg = ,5 total volume 
P = ,5 total volume per minute 
T =1,5^ minutes 
165^ 
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that the system becomes slightly underdamped. It was diffi­
cult in some cases, for example Runs 1 and 2, to find the best 
model fit because the experimental data was so scattered and 
had a hi^ variance and lacked homogeneity. 
Because of all the possible interactions, it is difficult 
to analyze the results shown in Table llj.. Some general ef­
fects may be noted. Runs 1 through 7 were made with low bed 
depths and low to medium gas velocities. These are character­
ized by a model with equal tank volumes and low to medium re­
circulation rates. Runs 8 and 9 had higher gas velocities. 
This made the process more like a one tank problem since 
was larger in the describing model, still maintaining a medium 
recirculation rate. In Runs 10, 11 and 12, the higher gas 
velocity of Run 10 served to increase the recirculation rate 
in the describing model. 
It is difficult to say whether or not the model is simu­
lating the results of the material solids circulation of the 
bed or the mixing that takes place in the bed. Most likely it 
is a combination of both. However, it might be suspected that 
under poor fluidization conditions where the mixing is poor, 
the simulation may be more solid circulation. Then under good 
fluidizing and good mixing conditions, the simulation would 
contain more mixing and less of the natural fluidized bed 
solids circulation. 
More complicated models could be used, but for the sake 
of simplicity the two tank-second order deadtime model was 
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Table IL)., Two tank-second order deadtime model beat fit 
parameters values 
Run number 
(refer to Table 10) 
Vl 72 F T 
Pure flour 
1 .5 .1 2,0 
2 .1 .9 .1 1.^  
3 l.g 
h .5 .1 1.^  
.5 
6 cont inuat ion 
7 1.^  
8 .9 .1 
9 .9 .1 - 0 
10 .9 .1 .9 0 
11 .9 .1 .1 2,^  
12 .9 .1 ol 1.5 
Hi-Sil flour -
13 0 
Ik .9 .1 .9 0 
used in this investigation. With this model all of the ex­
perimental data was simulated by varying the parameters of the 
model and coming up with the right combination. 
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CONCLUSIONS 
The following conclusions were made based on the experi­
mental results obtained from the stirred fluidized bed with a 
column diameter of 6 inches, superficial gas velocities in the 
range of 0-0,I|. ft/sec sud stirrer speeds of 0-110 rpm, 
1, Pluidization of pure, unadulterated wheat flour and 
com starch in a stirred fluidized bed is possible, 
2, The incipient fluidization velocity for both flour 
and starch is independent of stirrer speed and bed 
depth and lies in the range of 0,065' - 0.11 ft/sec, 
3, The dimensionless pressure drop across the fluidized 
beds of flour and starch is independent of stirrer 
speed and less than one. 
phe per cent expansion of the stirred fluidized bed 
of pure wheat flour is in the range of 25'-65' per 
cent. The expansion of the pure corn starch is con­
siderably less, ranging from 0-25" per cent under the 
same fluid!zing conditions, 
5. The stirrer torque requirements for the flour and 
starch is Independent of bed depth. Above the criti­
cal gas velocity, the torque is essentially inde­
pendent of stirring speed, 
6, The rate of solids entrainment from a fluidized bed 
of pure wheat flour is much lower than from a fluid­
ized bed of 1 per cent Hi-Sil-flour mixture. 
169a 
7. The mixing time for pure flour in a stirred fluidized 
bed decreases significantly with increasing gas 
velocity. The homogeneity of the mixture is in­
creased significantly by increasing gas velocity, in­
creasing stirrer speed and by pre-conditioning the 
bed, 
8, The mixing of wheat flour in the batch stirred flu­
idized bed can be simulated with a model containing 
two perfectly mixed tanks with recirculatory flow 
with one stream containing deadtime. 
169b 
RECOMMEUDATIONS 
Similar studies should be made using different apparatus 
sizes and a number of different materials for the follow­
ing purposes: 
A, develop scale-up information 
B, make regression analyses of all the data to determine 
useful correlations between the following: 
1. system parameters; bed depth, stirrer speed, gas 
velocity, system size 
2. bed properties; minimum fluidization velocity, 
expansion, pressure drop, torque and power, en­
trai nraent 
-'3. physical properties of the materials 
0. test the correlations which are developed end compare 
them to those already in the literature. 
To obtain a better understanding of mixing in a stirred 
fluidized bed of cohesive materials, the following areas 
could be investigated; 
A, use of photography in conjunction with a transparent 
column and a colored tracer 
B, gas mixing using a tracer gas and transient and fre^  
quency response analysis 
C, the effects of system size end material properties on 
mixing 
D, develop the mixing model into a more useful tool by 
169c 
more closely coupling the mixing system parameters 
of bed depth, gas velocity and stirring speed to the 
model parameters of tank volume, recirculation rate 
and deadtime. 
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APPENDIX 
Table 15". Experimental data for pure 
Constant gas velocity runs 
Bed Unfluidized Superficial stirrer 
weight bed depth gas velocity speed 
gms inches ft/sec rpm 
2200 10.0 
2200 10.0 
2200 10.0 
2200 10,0 
066 0 
066 13.5 
066 25 
066 54 
066 82 
066 110 
074 0 
074 13.5 
074 25 
074 g4 
074 82 
074 110 
08l 0 
o8l 13.^  
08l 25 
081 54 
081 82 
08l 110 
102 0 
102 13.5 
102 25 
,102 54 
102 82 
.102 110 
flour system 
Pressure Per cent Torque Power . 
drop expansion in,-lbs kw x 10^ 
across 
bed 
in. HgO 
4.14 
3.3k 
3.46 
3.^ 0 îfe 
4.06 
3.42 
i l l  
3.5% 
3.^ 8 
4.25" 
3.86 
3.86 
3.86 
3.86 
3.94 
'A 
3.54 
3.54 
3.54 
3.54 
8.1 — -
10.8 1.15 18,4 
13.5 0.65 19,2 
13.5 o.5o 32,0 
16.2 o.5o 48,5 
16,2 0,50 65.0 
10.8 mm 
10.8 0.73 11.7 
16.2 0.52 15.4 
18.9 0.43 27.5 
24.3 0.43 41.8 
21,6 0.47 61.2 
13.2 — 
10.5 0.90 14.4 21.0 o,5o 14.8 
21.0 0,43 27.5 
23.7 0,47 45.6 
26.4 0,47 61.3 
0.0 mm 
15.8 .50 8.0 
23.7 .37 10.9 
26.4 .35 22,3 
26.4 .35 34.0 
29.0 .39 51.0 
Table 15'. (Continued) 
Bed TJnfluidi zed Superficial Stirrer 
wel^ t bed depth gas velocity speed 
gma inches ft/sec rpm 
2200 10.0 
2200 10.0 
2200 10.0 
2200 10.0 
.1# 0 
.1# 13.5" 
.1# 2^ 
.1# 
,mh 82 
.liA 110 
.183 0 
.183 13.^ 
.183 2^ 
.183 A 
.183 82 
.183 110 
.208 0 
.208 13.^ 
.208 2^ 
.208 
.208 82 
.208 110 
.242 0 
.242 13.^ 
.242 25 
.242 54 
.242 82 
.242 110 
Pressure Per cent Torque Power 
drop expansion in,-lbs kw x 
across 
bed 
in. H20 
1.62 0.0 - -
3.26 21.6 
.43 6.9 
3.26 27.0 .32 10.4 3.26 32.4 .30 19.2 
3.42 32.4 .30 29.1 
3.46 32.4 .32 42.6 
3.46 2.7 — iP. 
3.g4 26.0 .32 2.6 
3.54 29.8 .30 8.9 
3.§4 32.4 .28 17.2 3.28 32.2 .30 29.1 
3.62 32.2 .32 42.2 
3.12 7.8 
3.74 31.6 .37 2.8 3.86 34.2 .30 8.9 
3.74 34.2 .28 17.2 
3.74 36.8 .30 29.2 
3.86 36.8 .32 42.3 
3.3 13.2 
3.46 26.4 .32 #^6 
3.46 32.2 .3 8.9 
3.% 32.2 .28 17.2 
3.28 37.8 .3 29.1 3.62 40.2 .32 42.3 
Table 15". (Continued) 
Bed Unfluldized Superficial Stirrer 
weight bed depth gas velocity speed 
gnia inches ft/sec rpm 
2200 10.0 .271 0 
.271 13.2 
.271 22 
.271 24 
.271 82 
.271 110 
2200 10.0 .302 0 
.302 13.2 
.302 22 
.302 24 
.302 82 
.302 110 
2200 10.0 .328 0 
.328 13.2 
.328 22 
.328 24 
2200 10.0 
.374 0 
.374 13.2 
.374 y 
.374 i 
.374 
.374 110 
Pressure Per cent Torque Power  ^
drop expansion in.-lbs kw x 10^  
across 
bed 
in. HgO 
2.72 10.0 - -
3.94 36.8 .32 2.1 
3.94 39.2 .3 8.9 
- 39.2 .28 17.6 
- 39.2 .29 28.2 
— 42.2 .30 39.0 
3.46 10.2 •• 
3.24 26.4 .30 4.8 
3.28 31.6 .30 8.9 
3.66 36.8 .22 16.0 
3.66 36.8 .28 26.6 
3.66 42.0 .30 39.3 
2.66 0.0 •• 
3.72 37.0 .38 6.1 
4.22 42.0 .30 8.9 
4.22 42.0 .22 16.0 
3.12 27.0 
- 31.2 .30 4.8 
3.7 36.8 .30 8.9 
3.78 42.0 .22 16.0 
3.78 42.0 .28 26.6 
3.86 42.0 .30 39.3 
T abl e , ( Cont limed ) 
Bed TJiifluidlzed Superficial irrer 
wei^ t bed depth gas velocity speed 
gms inches ft/sec rpm 
2200 10,0 
3100 13.2 
3100 13.2 
3100 13.2 
.404 0 
.404 13.2 
.404 22 
,404 24 
.404 82 
.404 110 
.14g 0 
.14g 13.2 
.14g 22 
.14g 54 
.14g 82 
.142 110 
.271 0 
.271 13.2 
.271 22 
.271 24 
.271 82 
.271 110 
.362 0 
.362 13.2 
.362 22 
.362 54 
.362 62 
.362 110 
Pressure Per cent Torque Power  ^
drop expansion in,-lbs kw x 10^  
across 
bed 
in, HgO 
2,76 21,0 - -
3.24 36,8 .30 4.8 
3.74 42,2 .30 8,9 
3.74 42.2 .22 12.9 
3.74 42.2 .28 22.6 
3.94 47.2 .30 39.0 
3.46 0 — m. 
2.60 29.6 .39 6.2 
2.2o 22.9 .30 8.9 
2.42 33.4 .30 19.2 
2.70 37.1 .30 29.2 
2.70 37.1 .33 43.0 
2.27 32.2 M 
2.20 42.6 .32 
2.2o 44.2 .30 8.9 2.83 46.4 .22 16.0 
2.90 46.4 .22 24.2 
2.83 46.4 .22 32.2 
2.6 43.4 « 
2.72 20.9 .27 4.3 
2.72 22.8 .22 7.4 2.83 54.7 .23 14.7 
2.83 24.7 .23 22,3 2.83 24.7 .22 32.2 
Table l5. (Continued) 
Bed Unfluidized Superficial stirrer 
wei^ t bed depth gas velocity speed 
gms lnch.es ft/sec rpm 
3730 1^ .0 
3730 1^ .0 
3730 12.0 
3730 1^ .0 
.119 0 
.119 13.5' 
.119 2^  
.119 24 
.119 82 
.119 110 
.168 0 
.168 13.2 
.168 22 
.168 24 
.168 82 
.168 110 
.230 0 
.230 13.2 
.230 22 
.230 24 
.230 82 
.230 110 
.332 0 
.332 13.2 
.332 22 
.332 24 
.332 82 
.332 110 
Pressure Par cent Torque Power 
drop expansion in.-lbs kM X 1 
acroa s 
bed 
in. EgO 
6.24 11.9 
2.70 28.8 .47 7.2 6.22 30.2 .37 10.9 
6.14 30.2 .33 21.1 
6.2o 30.2 .30 29.0 
6.32 34.0 .33 42.9 
2.83 32.2 — «. 
6.42 32.2 .39 6.2 
6.30 32.6. .32 10.3 
6.32 39.0 .30 19.2 
6.32 39.0 .30 29.1 
6.42 40.7 .33 43.0 
2.72 37.3 
6.27 42.3 .32 2.6 
6.27 42.7 .30 8.8 
6.27 42.7 .27 17.2 
6.62 42.7 .27 26.2 
6.62 47.2 .30 39.0 
6.20 40.0 — » 
6.62 48.3 .39 6.2 
6.72 21.2 .33 9.8 
6.72 23.3 .27 17.3 
6.72 55.0 .22 24.2 
6.81 22.0 .27 32.0 
Table 1^. (Continued) 
Bed TJnf luidlzed Superficial Stirrer 
weight bed depth gas velocity speed 
gms inches ft/sec rpm 
4770 19.2 
4770 19.5 
4770 19.5 
4770 19.5 
.119 0 
.119 13.5 
.119 25 
.119 54 
.119 82 
.119 110 
.168 0 
.168 13.5 
.168 25 
.168 54 
.168 82 
.168 110 
.230 0 
.230 13.5 
.230 25 
.230 54 
.230 82 
.230 110 
.332 0 
.332 13.5 
.332 25 
.332 54 
.332 82 
.332 110 
Pressure Per cent Torque Power  ^
drop expansion in,-lbs kw x 10^  
acros s 
bed 
in, HjO 
8.90 
8.85 
8.5o 
8.96 
8.15 
8,15 
8.20 
8.47 
81^ 0 
8.50 
8.50 
ni 
8.85 
8.85 
8.90 
8.90 
8.55 
8.85 
8.95 
8.95 
9.03 
9.03 
7.7 - -
28.2 
.47 7.5 
30.8 .39 11.5 
30.8 .33 21.2 
30.8 .33 32.0 
28.2 
.37 48.1 
30.8 
35.8 .47 7.5 
38.5 .37 10.9 
38.5 .35 22.4 
39.7 .33 32.0 
39.7 .35 45.5 
39.0 — 
46.7 .39 6.2 
46.7 .35 10.3 
49.4 .30 19.2 
50.6 .30 29.1 
50.6 .33 43.5 
48.0 .. 
54.4 .37 5.9 
55.8 .33 9.8 
58.5 .27 17.2 
58.5 .25 24.2 
59.8 .27 35.1 
Table 1^, (Continued) 
Bed 
weight 
gms 
Unfluidized 
bed depth 
inches 
Superficial Stirrer 
gas velocity speed 
ft/sec rpm 
Pressure 
drop 
acros s 
bed 
in. EgO 
Per cent 
expansion 
Torque 
in.-lbs 
Power  ^
kw X 105 
7300 29.0 .119 0 13.9 26.3 
.119 13.^  11.4 21.2 1.15 18.4 
.119 2^  12.0 23.7 .73 21.6 
.119 12.0 23.4 .52 33.2 
.119 82 12.8 29.6 .37 35.9 
.119 110 12.2 29.6 .37 48.2 
7300 29.0 .168 0 13.2 31.6 
"55 
— 
.168 13.2 13.2 32.0 8.8 
.168 12.8 38.2 .39 11.5 
.168 13.0 42.0 .33 21.1 
.168 82 12.9 42.8 .35 34.0 
.168 110 12.7 42.8 .35 45.6 
7300 29.0 .230 0 12.2 41.4 — 
.230 13.5 13.5 48.3 .39 6.2 
.230 2^  13.5 49.2 .35 10.4 
.230 % 13.5 51.7 .35 22.4 
.230 82 13.6 §1.7 .35 34.0 
.230 110 13.6 51.7 .35 45.6 
7300 29.0 .332 0 13.0 §3.5 — 
.332 13.^  13.2 57.8 .39 6.2 
.332 2^  13.6 59.5 .35 10.4 
.332 13.6 60.4 .30 19.2 
.332 82 13.6 60.4 .27 26.2 
.332 110 13.7 60.4 .30 39.0 
Table 16, Experimental data for pure 
Constant stirrer speed runs 
Bed Unfluldized Superficial Stirrer 
weight bed depth gas velocity speed 
gms Inches ft/sec rpm 
2200 10.0 ,kOk 13.^  
.332 13.2 
.251 13.S' 
.167 13.5 
.081 13.5' 
2200 10.0 .ifOlj. 25" 
.332 22 
.292 22 
.221 22 
.230 22 
.208 25 
.187 22 
.168 22 
.144 22 
.119 22 
.102 22 
.081 22 
2200 10.0 .404 24 
.332 24 
.292 24 
.221 24 
.230 24 
.208 24 
.187 24 
flour system 
Pressure Per cent Torque Power . 
drop expansion in,-lbs kw x lo2 
acros s 
bed 
in, HgO 
3.20 37.2 .32 2.6 
3.28 32.2 .32 2.6 
3.28 22.0 .32 2.6 
3.43 22.2 .47 7.2 
3.03 0.0 1.32 21.6 
3.66 37.2 .22 7.4 
3.66 37.2 .22 7.4 
3.60 32.2 .22 7.4 
3.20 30.0 .22 7.4 
3.20 30.0 .30 8.9 
3.20 27.2 .30 8.9 
3.46 27.2 .30 8.9 
3.42 22.0 .30 8.9 
3.46 22.0 .32 10.4 
3.42 20.0 .40 11.8 
3.42 17.2 .47 13.9 
3.27 2.0 .98 29 
3.66 44.7 .22 16.0 
3.66 42.1 .22 16.0 
3.28 39.2 .22 16.0 
3.28 36.8 .27 17.3 
3.22 36.8 .27 17.3 
3.22 34.2 .30 19.1 
3.20 34.2 .30 19.1 
Table 16, {Continued) 
Bed ITnfluidized Superficial Stirrer 
wei^ t bed depth gas velocity apeed 
inches ft/gee rpiti 
2200 10.0 
2200 10.0 
168 24 
144 $ 
119 24 
102 24 
081 24 
074 54 
066 54 
027 24 
044 54 
404 82 
332 82 
292 82 
221 82 
230 82 
208 82 
187 82 
168 82 
144 82 
119 82 
102 82 
081 82 
074 82 
,066 82 
,027 82 
Pressure Per cent Torque Power 
drop expansion in.-lbs kw x 102 
across 
bed 
in. HgO 
3.^ 0 
3.^ 0 
3.# 
3.32 
3.23 
3.23 
3.23 
3.19 
2.# 
3.78 
3.74 
3.70 
3.68 
3.62 
3.62 
3.62 
m 
3.20 
3.43 
3.27 
3.27 
3.34 
3.27 
34.2 .30 
31.6 .32 
29.0 .32 
23.7 .42 
13.2 .77 
10.2 .77 
10.2 .82 
2.3 1.02 
2.3 1.28 
46.0 .22 
39.2 .22 
36.8 .22 
36.8 .27 
34.2 .27 
34.2 .30 
34.2 .30 
31.6 .32 
29.0 .32 
26.4 .38 
21.0 
.42 
10.2 .62 
10.2 .68 
2.3 .77 
2.3 .94 
19.1 
20.7 
22.4 
28.8 
49.2 
49.2 
'è\l 
101.0 
24.2 
24.2 
24.2 
26.2 
26.2 
29.2 
29.2 
31.6 
3 6 *.5" 
43.7 
63.1 
62.2 
72.0 
91.2 
Table 16, (Continued) 
Bed Unfluldized Superficial Stirrer 
weight bed depth gas velocity speed 
gms inches ft/sec rpm 
3100 13.5" 
3100 13.5" 
.404 
.332 
.292 
.2^ 1 
.230 
.208 
.187 
,168 
.144 
.119 
.102 
.081 
.074 
,066 
.057 
.0^ 3 
.049 
.404 
.332 
.292 
,2$1 
.230 
,208 
.187 
.168 
25 
I 
I 
Pressure Per cent Torque Power  ^
drop expansion in.-lbs kw x 10^  
across 
bed 
in, EgO 
2.63 
2.60 
2«60 1 
2.24 
2.20 
2.20 
2.12 
2.28 
2.04 
2.12 
4.60 
4.80 
2.63 
2.63 
2.60 
2.2o 
2.28 
2.28 
20.9 .23 6.8 
42.3 .22 7.4 
43.4 .22 7.4 
39.6 .27 8.0 
32.8 .27 8.0 
33.9 .30 8.9 
33.9 .30 8.9 
30.2 .33 9.8 
28.3 
.33 9.8 
24.2 .32 10.4 
22.7 
.37 11.0 
17.0 
.42 13.3 
17.0 .47 13.9 
13.2 .22 16.3 
2.6 1.02 30.2 
2.6 1.12 34.0 
2.6 1.20 32.2 
26.9 .23 14.7 
23.0 .22 16.0 
48.6 .22 16.0 
42.1 .27 17.3 
41.2 .27 17.3 
41.2 .27 17.3 
39.2 .30 19.2 
37.3 .30 19.2 
Tabla 16. (Continued) 
Bed TJnfluidized Superficial stirrer 
weight bed depth gas velocity speed 
gms Inches ft/sec rpm 
3100 13.2 
3730 1^ .0 
.144 
.119 
.102 
.081 
.074 
,066 
.057 
.0^ 3 
,049 
.370 
.332 
.292 
.2^ 1 
.230 
.208 
.187 
.168 
.144 
.119 
.102 
.081 
.074 
.066 
.0^ 7 
.05'4 
.044 
I 
I 
Pressure Per cent Torque Pow er 
drop expansion in.-lbs kw X ] 
across 
bed 
in. HgO 
2.20 33.4 .30 19.2 
§.12 31.4 .33 21.1 
2.12 29.4 .32 22.4 
2.12 21.6 .43 27.4 
2.12 21.6 .43 27.4 
2.12 19.6 .22 33.2 
2.12 12.7 .27 36.4 
4.82 13.7 1,02 62.4 
4.27 11.8 1,06 68.0 
6.80 22.8 .23 6.8 
6.78 22.2 .22 7.4 
6.73 49.2 .22 7.4 
6.73 44.3 .27 8.0 
6.70 42.6 .27 8.0 
6 ,62 39.3 .30 8.9 
6.20 36.0 .30 8.9 
6,46 32.8 .32 9.1 
6.34 31.1 .32 9.1 
6.22 27.9 .32 10.4 
6.22 24.6 
.43 13.3 
6.10 23.0 
.47 13.9 
6.06 19,7 .47 13.9 
2.92 14.8 ,60 17.8 
2.83 9,8 .67 19.8 
6.06 6,6 ,80 23.7 
2.12 6,6 1,06 31.4 
Table 16, (Continued) 
Bed Unfluidized Superficial Stirrer 
weight bed depth gas velocity speed 
gma inches ft/sec rpm 
3730 1^ .0 .370 82 
.332 82 
,292 82 
.2^ 1 82 
.230 82 
.208 82 
.187 82 
.168 82 
.144 82 
.119 82 
.102 82 
.081 82 
.074 82 
.066 82 
.0^7 82 
.049 82 
.041 82 
4770 19.5" .370 22 
.332 25" 
.292 25" 
.2SÏ 22 
.230 22 
.208 22 
.187 22 
.168 22 
Pressure Per cent Torque Power 
drop expansion in.-lbs kw x 10^  
across 
bed 
in. HgO 
6.90 27.2 .23 22.3 
6.82 24.0 .22 24.2 
6.81 49.2 .22 24.2 
6.74 47.2 .22 24.2 
6.74 44.2 .27 26.2 
6.62 41.0 .30 29.1 
6.28 39.4 .30 29.1 
6,46 37.7 .32 31.2 
6.42 32,8 .32 34.0 
6.42 31.2 .32 34.0 
2.92 18.0 .39 37.8 
2.40 9.8 .42 43.6 
6.22 18,0 
.42 43.6 
6.39 18.0 .22 20.2 
6.46 14.7 .60 28.2 
6.2o 11.2 .67 62.0 
6.34 8.2 .80 77.2 
8.82 28.2 .30 8.9 
8.82 22.8 .30 8.9 
8.82 22.0 .33 9.8 
8.78 48.0 .33 9.8 
8.70 44.1 .32 10.4 
8.63 42.9 .32 10.4 
8.20 39.0 .32 10.4 
8.30 32.0 .37 11.0 
193 
CJ^ CO fVJ vo O ooo 
« « « • « • • • «  
O H roC^O^H #—I rH rvj Î\J r^ fVJ 
O J O J O J r H O O C O O  O C O  v C i l f \ ^ C ^ ' t r \ l f \  # # # # # # $ # # # # # % # % # *  
v^o vo c> oj t\j rvi rg t\i o m^ oo t\i 
tvi tM t\i t\j o-\cocorof*^c^fn.^"UMrvr^c^oo 
"lA iv o ir\ m H "Lf\Jd-
vo t»-co H o 
1—1 
lAt^ r-o f\J t\l OJ |>-coco 
o 
Pw <D 
jrfvo H H j" j-N vO # # # % # # # # $  
W j-N fVl ChOCOlf\H 
f^iVJ fVJ ÏVJ I—) »-l r-1 !-• i~l 
o r-inco o oco o o t-co 
# # * # # # # * % * # % ^ % » » %  
H C^^OvOlAW cMr\rr>|VO sO J-O vO r-f O 
vOLTviA.^  fVJ rvj t\J r-l H H 
© k m O 
P am ÎM 
m o o-dW 
m k k m ffi «O o XI • k 0 g 04 <H 
OvO J-O O O O j-co t\J H C-vO rvj\r\ 
•  • • • • • • • •  
CO CO p-oo CO 00 CO CO CO 
\A\f\vD coVnw olrxlnornco OlAtMp^lA O^ OOOCO r-sO"lA(nTAr-JCO [>-t>-C^ vOlfNO^  # # # # # # # *  # # # * # # # * #  
COCOOOCOODCOCOOOCOCOCOCOCOCOCOCOCO 
® «d 
^:§. 
«H afn 
+3 m 00 
rj Ql 4J 
«ri «H 
o o ft o o 
«tH H o k ® m ® 5>^  
& 43 
« r  
rvjfuwt\j?\JtM<\jî\jfvJ tviru<\]îvi<\itM<\n\iïvn\jîvj(\jr«jî\jt\iv\n\j COCOCOCOCOCOCOCOCOCOCOCOCOCOCOCOCO 
IH J-vO r^ O^ H J-H oco !>-*£) 
H H H O O O O O O  
•  • • • • • • • •  
o rj (M H oco [--co ^ O- W M ^ vo C-O^ H 
t-~fno^V\r^OCO vD J-I-I oco 
m m N  Ï V J f V H V I H H H H H O O O O O O  # » # # # # # # # # # # # # # # #  
•o _ ss 
«H D.« 
«b CD ® 
s o H-d p! q-i ®»H % 
m 
* 
o 
H 
® «H 
O 
r-
z± 
O 
>-
c~-
Table 15, {Continued) 
Bed Unfluidized Superficial Stirrer 
weight bed depth gas velocity speed 
gins inches ft/sec rpm 
7300 29 .370 2^  
.332 2$ 
.292 25 
.2^ 1 2^  
.230 25" 
.208 25" 
.187 25' 
.168 25" 
.11* 25" 
.119 2^  
.102 2^  
.081 25 
.874 25" 
.066 25 
.0^ 7 25" 
.01:9 25 
7300 29 .370 82 
.332 82 
.292 82 
.251 82 
.208 82 
.187 82 
.168 82 
.1# 82 
.119 82 
Pressure Per cent Torque Power 
drop expansion in.-lbs kw x 10^  
across 
bed 
in. HgO 
13.g 61.2 .30 8.9 
13.^  58.7 .33 9.8 
13.5 54.4 .35 10.4 
13.4 5o.o .35 10.4 
13.2 46.6 .37 11.0 
13.2 43.1 .39 11.6 
12.9 41.4 .39 11.6 
12.5" 32.8 .39 11.6 
12.1 29.3 .39 11.6 
11.6 26.8 
.43 12.7 
13.0 22.4 .60 17.8 
13.2 22.4 .65 19.3 
13.5" 21.5 .65 19.3 
12.2 21.5 .69 20.4 
11.9 18.1 
.94 27.8 
11.8 13.8 1.10 32.6 
13.g 65.0 .25 24.2 
13.g 61.5 .27 26.2 
13.5 58.0 .30 29.1 
13.4 52.6 .33 32.0 
13.1 47.4 .35 34.0 
12.9 43.0 .33 32.0 
12.6 38.6 
.33 32.0 
12.1 35.0 
.35 34.0 
13.5 29.8 .39 37.8 
Table 16, (Continued ) 
Bed Unfluidized Superficial dtirrer Pressure Per cent Torque Power  ^
kw X 10^  weight bed depth gas velocity speed drop expansion in,-lbs 
gms inches ft/sec rpm across 
bed 
in, EgO 
7300 29 .102 82 12.1 28.0 .41 39,8 
.081 82 13.2 24.6 .47 4^ .6 
.074 82 13.4 21.9 .^ 2 
,066 82 12.9 19.3 5'3.4 
.0^ 7 82 12.4 18.4 .69 67,0 
.049 82 12,9 15^ .8 .77 74.7 
.041 82 12.9 14.0 .81 78.^  
Table 17. Experimental data for \% Hi-Sil flour 
Constant gas velocity runs 
Bed Unfluidized Superficial iritirrer Pressure 
wei^ t bed depth gas velocity speed drop 
gms inches ft/sec rpm across 
bed 
in, HgO 
2200 9.^  
2200 9.S' 
3600 II^ .O 
3600 ll^ .O 
.168 0 3.80 
.168 13.5 4.20 
.168 2^ 4.20 
,168 54 4.30 
.168 82 4.30 
.168 110 4.30 
.332 0 3.70 
.332 13.5 4.40 
.332 4.40 
.332 54 4.30 
.332 82 4.30 
.332 110 4.30 
.168 0 6,60 
.168 13.5 6,96 
.168 25 6.94 
.168 54 9.96 
.168 82 6.96 
.168 110 6.96 
.332 0 7.0^ 
.332 13.5 7.05 
.332 25 7.10 
.332 54 7.00 
.332 82 6.94 
.332 110 6.94 
Per cent Torque Power  ^
expansion in,-lbs kw x 10^  
43.0 
57.0 .10 1.6 
57.0 .10 3.0 
57.0 .12 7.7 
57.0 .13 12.6 
57.0 .20 26.0 
57.0 mm m» 
66.0 .05 0.8 
66.0 .1 3.0 
66,0 ,12 7.7 
66.0 .15 14.5 
66,0 ,20 26.0 
5o,o 
57.0 .05 0.8 
57.0 .05 1.5 
59.0 .05 3.2 
59.0 .13 12,6 
59.0 .17 22,1 
64,0 - — 
64,0 0 0 
64,0 0 0 
64.0 .1 6.4 
64.0 .13 12,6 
64.0 .17 22,1 
T able 1?. ( Continued ) 
Bed Unfluidized Superficial Stirrer Près sure Per cent Torque Power  ^
weight bed depth gas velocity speed drop expansion in.-lbs kw X 10^  
gma inches ft/sec rpm across 
bed 
in. H2O 
7700 29.0 .168 0 1^ .0 53.5 
.168 13.^  1^ .3 6^ .0 .13 2.1 
.168 2^  15.2 62.0 .10 3.0 
.168 1^ .2 62.0 .10 6.Z; 
.168 82 15.3 61^ .0 .15 111.5 
.168 110 1^ .3 61^ .0 .20 26.0 
7700 29.0 .332 0 lg.3 60.0 
.332 13.5 1^ .2 60.0 0 0 
.332 1^ .1 64.0 0 0 
.332 1^ .0 62.0 .1_ 6.4 
.332 82 14.8 60.0 .15 14.5 
.332 110 14.8 60.0 .20 26.0 
Table 18, Experimental data for Vfo Hî-Sil flour 
Constant stirrer speed runs 
Bed Unfluidized Superficial Stirrer 
weight bed depth gas velocity speed 
gma inches ft/sec rpm 
Pressure Per cent Torque Power 
drop expansion in.-lbs kw x 10^  
acros s 
bed 
in, HpO 
2200 9.^  .I+OI| 0 
.370 0 
.332 0 
.292 0 
,2^ 1 0 
.230 0 
.208 0 
.187 0 
.168 0 
.11^ 4 0 
.119 0 
.102 0 
.081 0 
.066 0 
2200 9.^  2^  
.370 2g 
.332 2^  
.292 2^ 
.2^ 1 25" 
.230 25" 
.208 2^  
.187 25 
.168 25" 
.Ikk 25" 
.119 2^  
4.25 72.0 
4.18 72.0 
4.21 67.0 
4.18 61.0 
4.18 56.0 
4.06 53.0 
3.82 44.0 
3.70 42.0 
3.66 33.0 
3.35 33.0 
3.54 28.0 
3.30 19.0 
2.87 3.0 
2.24 0.0 
4.02 71.0 ,10 3.0 
3.98 71.0 .10 3.0 
4.05 71.0 .10 3.0 
3.90 65.0 .10 3.0 
3.94 65.0 ,10 3.0 
3.86 59.0 .12 3.6 
3.86 59.0 .10 3.0 
3.82 53.0 ,12 3.6 
3.74 50.0 .13 3.8 
3.74 5o.o .13 
3.74 47.0 .13 3.8 
Table 18. (Continued) 
Bed TJnf luidi zed Superficial Stirrer 
wei^ t bed depth gas velocity speed 
gttts inches ft/sec rpin 
2200 9.^  .102 25" 
.081 2^ 
.066 2^ 
.0^7 25" 
.049 25 
.041 2^ 
.032 25" 
3600 14.0 .404 25 
.370 25 
.332 25 
.292 25 
.2^ 1 25 
.230 25 
.208 25" 
.187 25 
.168 25 
.1# 25" 
.119 25 
.102 25 
.081 25 
.066 25" 
.0^ 7 25 
.049 2S 
.041 25" 
.032 25 
Pressure Per cent Torque Power . 
drop expansion in,-lbs kif x 10^  
across 
bed 
in. HgO 
3.66 41.0 .1^  4.4 
3.g^  3^ .0 .18 g.3 
3.^ 0 24.0 .20 .^9 
3.42 21.0 .22 6.5 
3.42 18.0 .22 6.5 
3.42 15.0 .25 7.4 
3.3^  0.0 
1 
.33 9.8 
6,94 67.0 0.0 0 
6.94 . 64.0 .05 1.5 
6.94 64.0 0.0 0 
6.94 64.0 .05 1.5 
6.85 64.0 .05 1.5 
6,80 60.0 .05 1.5 
6.73 58.0 .05 1.5 
6,70 56.0 .05 1.5 
6,60 53.0 .10 3.0 
6.57 51.0 .10 3.0 
6.50 49.0 .13 3.8 
6.50 4^ .0 .15 4.4 
6.42 40.0 .17 5.0 
6.18 33.0 .20 5.9 
6.06 22.0 .22 6.5 
.^44 22.0 .25 7.4 
6.06 13.0 .27 8.0 
.^70 .37 11.0 
Tabla l8. (Continued) 
Bed TJnfluidized Superficial Stirrer 
weight bed depth gas velocity speed 
gras inches ft/sec rpm 
3600 li^ .O .I+OI4 82 
.370 82 
.332 82 
.292 82 
.2^ 1 82 
.230 82 
.208 82 
.187 82 
.168 82 
.mif 82 
.119 82 
.102 82 
.081 82 
.066 82 
.0^ 7 82 
.014-9 82 
.041 82 
.032 82 
7700 29.0 .370 0 
.332 0 
.292 0 
.2^ 1 0 
.208 0 
.187 0 
.168 0 
Pressure Per cent Torque Power  ^
drop expansion in.-lbs kw x 10^  
across 
bed 
in. H2O 
6.65 70.0 .15 
6.65 70.0 .15 
6.65 66,0 .15 
6.74 62.0 .15 
6.65 62.0 .15 
6.65 62.0 .15 
6.65 62.0 .15 
6.65 62.0 .15 
6.62 58.0 .15 
6.58 58.0 .15 
6.50 55.0 .15 
6.45 53.0 .15 
6.35 47.0 .17 
6.14 32.0 .20 
6.00 28.0 .25 
6.07 25.0 .25 
5.95 19.0 .30 
5.95 19.0 .30 
15.2 64.0 
15.2 62.0 
15.0 62.0 
14.8 59.0 
14.1 52.0 
14.1 52.0 
14.2 52.0 
11+.6 
III,6 
14.6 
1U.6 
1I+.6 
14.6 
14.6 
14.6 
llj..6 
14.6 
lit.6 
IZ4.6 
16.5 
19.4 
24.3 
24.3 
29.1 
29.1 
rvj 
o 
o 
Table 18. (Continued) 
Bed Unfluldized Superficial stirrer 
weight bed depth gaa velocity speed 
gms inches ft/sec rpm 
7700 29.0 .1# 0 
.119 0 
.102 0 
.081 0 
.066 0 
.0^ 7 0 
.OIj.9 0 
.Olj-l 0 
.032 0 
7700 29.0 .370 2^ 
.332 2g 
.292 2^ 
.2^ 1 2^  
.208 25 
.187 25" 
Ï .168 2^  
.1# 2^ 
.119 25 
.102 25 
.081 25 
.066 25 
.0^ 7 25 
.049 25 
.041 25 
.032 25 
Pressure Per cent Torque Power 
drop expansion in.-lbs kw X 10^  
across 
bed 
in. H2O 
14.2 50.0 
13.80 4^ .0 
12.70 38.0 
9.70 12.0 
9.60 12.0 
9.^ 0 9.0 
8.90 2.0 
l.liO 0.0 
0.63 0.0 
14.9 67.0 0 0 
14.7 64.0 0 0 
14.5 64.0 .og l.g 
14.5 62.0 .og 1.5 
14.4 64.0 .0§ l.g 
14.7 62.0 .og l.g 
14.6 60.0 .05 1.5 
14.6 60.0 .10 3.0 
14.6 8^.0 .13 3.8 
14.6 6^.0 .15 4.4 
13.8 45.0 .17 5.0 
12.6 22.0 .20 5.9 
12.6 22.0 .27 8.0 
12.6 22.0 .30 8.9 
11.2 7.3 .43 12.7 
12.3 3.6 .60 17.8 
Table 19. Experimenbal data for pure 
Constant gas velocity runs 
Bed XJnfluidized Superficial Stirrer 
weight bed depth gas velocity speed 
gms inches ft/sec rpiti 
2800 10.5' 
2800 10.5 
455'0 17.5" 
45^ 0 17.5 
168 0 
168 13.5 
168 25 
168 54 
168 82 
168 110 
332 0 
332 13.5 
332 25 
332 54 
332 82 
332 110 
,168 0 
168 13.5 
,168 25 
,168 54 
,168 82 
,168 110 
332 0 
,332 13.5 
,332 25 
,332 54 
332 82 1 
.332 110 
St arch 
Pressure Per cent Torque Power 
drop expansion in.-lbs kw x 10^  
across 
bed 
in, HgO 
2.76 0 - -
3.26 4.75 .43 6.9 
3.26 4.75 .39 11.5 
3.26 4.75 .35 22.4 
3.30 4.75 .35 34.0 
3.34 4.75 .35 45.5 
2,68 4.75 » « 
3.0 4.75 .37 5.9 
2.92 9.5_ .35 10.3 
2.76 4.75 .30 19.2 
2.68 9.5 .30 29.1 
2.68 9.5 .30 39.1 
6.7 0 — M 
6.97 14 .45 7.2 
6.9 14 .39 11.5 
6.9 14 .35 22.4 
6.93 14 .37 35.8 
7.02 14 .41 53.4 
7.4 17.0 mm m 
7.52 20.0 .37 5.9 
6.8 20.0 
.35 10.3 
7.25 20.0 .33 21.0 
7.09 20.0 .33 32.0 
6.75 20.0 .33 43.0 
Table 19. (Continued) 
Bed Unfluidlzed Superficial 8tirrer Pressure Per cent Torque Power  ^
wel^ t bed depth gas velocity speed drop expansion in,"lbs kw X 10^  
gma inches ft/sec rpm across 
bed 
in. HgO 
7870 29.^  .168 0 12.6 12.0 
.168 13.5' 13.U 17.0 7.g 
,168 2^  13.^  17.0 .39 11.5 
.168 4^ 13.0 17.0 .3^  22.1; 
.168 82 12.8 17.0 .3^  33.9 
.168 110 13.1 17.0 .39 50.7 
7870 29.^  .332 0 1^ .2 25.0 
.332 13.^  13.8 27.0 .39 6.2 
.332 2^  13.6 27.0 .3g 10.3 
.332 13.3 27.0 .35 22.4 
.332 82 13.14. 27.0 .33 32.0 
.332 110 13.2 27.0 .35 45.6 
Table 20, Experimental data for pure 
Constant stirrer speed runs 
Bed TJnfluidized Superficial Stirrer 
weight bed depth gas velocity speed 
gms ! inches ft/sec rpm 
2i|00 9.5" 
2300 , 9.^  
,332 82 
.292 82 
,230 82 
.187 82 
,119 82 
.102 82 
.081 82 
,066 82 
,0^ 7 82 
,0k9 82 
.01:1 82 
,032 82 
.049 82 
.0^ 7 82 
,056 82 
,081 82 
.102 82 
.119 82 
.187 82 
.230 82 
.292 82 
.348 82 
,370 2$ 
,332 
.292 25 
,251 2f? 
at arch 
Pressure Per cent Torque Power 
drop expansion in.-lbs kw x 10^  
across 
bed 
in, HgO 
3.0 1^ ,8 .27 26,2 
3.0 10.^  .27 26,2 
2,9 10,5 .30 29,1 
3.0 10,^  .33 32,0 
3.1 ,^2 .35 34.0 
3.2 0 .37 35.9 
3.1 0 .43 41.7 
3.0 0 43.6 
3.0 0 .47 45,5 
2,9 0 .52 50,5 
3.0 0 .55 53.5 
2,8 0 .60 58,2 
2,8 0 
.47 45.6 
3,1 0 .43 41.7 
3,1 0 .43 41.7 
3.2 0 .39 37.8 
3.2 0 .35 34.0 
3.1 0 .33 32.0 
3,0 ,^2 .30 29.1 
3.0 g.2 .30 29.1 
2.8 1^ .8 .27 26,2 
2.8 1^ .8 .27 26,2 
2,^ 6 10.5 .27 8,0 
2.^ 6 10.5" .30 8.9 
2,^ 6 10.5 .30 8,9 
2.^ 6 5.25 .30 8,9 
T abl e 20 « ( Cont inued ) 
Bed TJnf luldized Superficial Stirrer 
wei^ t bed depth gas velocity speed 
gmg inches ft/sec rpm 
2300 9.^  
lAoo 17.5 
230 2g 
208 2^  
168 2^  
m 2g 
119 2§ 
102 2^  
081 2^  
07U 25 
.066 2^  
0^ 7 2^  
01|9 2g 
032 2^  
.332 82 
,292 82 
,2^ 1 82 
,230 82 
,208 82 
,187 82 
,168 82 
82 
,119 82 
.102 82 
.081 82 
,066 82 
.0^ 7 82 
Pressure Per cent Torque Power . 
drop expansion in.-lbs kw x 10^  
acros s 
bed 
in. HgO 
2.64 0.0 .30 8.9 
2.72 0.0 .33 9.8 
2,72 0.0 .35 10.4 
2.76 0.0 .35 10.4 
2.64 0.0 .35 10.4 
2.83 0.0 .37 11.0 
2.87 0.0 .41 12.1 
2.72 0.0 .43 12.7 
2.95 0.0 .^ 7 13.9 
2.72 0.0 «52 15.4 
2.72 0.0 .55 16.3 
2.6Î+ 0.0 .60 17.8 
7.Ill 17.0 .35 34.0 
6.81 17.0 .30 29.1 
6.81 14.0 .33 32.0 
6.65 11.5 .33 32.0 
6.6^  11.5 .35 34.0 
6.65 11.5 .35 34.0 
6.70 5.7 .35 34.0 
6.61 5.7 .35 34.0 
6.65 5.7 .39 37.8 
6.54 0 .1^ 3 41.7 
6.37 0 .47 45.5 
6.18 0 .52 50.5 
6,06 0 .55 53.3 
Table 20. (Continued) 
Bed Unfluidlzed Superficial Stirrer 
weight bed depth, gag velocity speed 
gms inches ft/sec rpm 
khoo 
I|1|00 
17.^  
17.^  
7650 29.5 
.01:9 82 
.032 82 
.332 25 
.292 25 
.2^ 1 
.230 25 
.208 25 
.187 25 
.168 25 
.1# 25 
.119 25 
ol02 25 
.081 25 
.074 25 
.066 25 
.057 25 
.049 
.032 25 
.370 
.332 25 
.292 25 
.251 25 
.230 25 
.187 25 
.168 25 
Pressure Per cent Torque Power . 
drop expansion in,-lbs kw x 10^  
across 
bed 
in, HgO 
6.03 0 .57 55.3 
6,03 0 .65 63.0 
6.93 21,2 .33 9.8 
6.97 21.2 .35 10.4 
6.85 18.2 .35 10,4 
6,85 15.0 .35 10.4 
6.1+3 15.0 .35 10,4 
6.45 12.0 .35 10.4 
6.03 12.0 .35 10,4 
6.30 6.0 .37 11,0 
6.30 6.0 .39 11.5 
6.10 6.0 
.43 12,7 
6.20 3.0 .47 13.9 
5.86 3.0 .52 15.4 
5.84 0.0 .55 16,3 
5.84 0.0 .60 17.8 
5.84 0.0 .65 19.2 
5.70 0.0 .77 22,8 
13.4 24.0 .39 11.5 
13.4 24.0 :37 11,0 
13.0 22.0 :37 11.0 
12.6 18.7 .35 10.4 
12.6 17.0 .35 10.4 
12.4 15.3 .43 12.7 
12.3 13.6 .43 12.7 
Table 20, (Cont inued) 
Bed 
weight 
gms 
XTnf luidized 
bed depth 
inches 
Superficial Stirrer 
gas velocity speed 
ft/sec rpm 
Pressure 
drop 
acros s 
bed 
in. HgO 
Per cent 
expansion 
Torque 
in.-lbs 
Power  ^
kw X lo5 
76^ 0 29.^  .1# 2g 12.2 12.0 .43 12.7 
.119 2g 11.8 8.5 .47 13.9 
.102 2g 12.1 3.4 .50 14.8 
.081 10.5 1.7 .60 17.8 
.074 2g 11.4 0.0 .65 19.2 
.066 11.0 ,0.0 .65 19.2 
.0^ 7 2g 10.8 0.0 .73 21.6 
.049 2^  10.7 0.0 .81 24.0 
.032 25 10.2 0.0 .94 27.8 
76^ 0 29.^  .370 82 12.6 22.0 .39 37.8 
.332 82 12.5 22.0 .35 34.0 
.292 82 12.8 18.6 
.35 34.0 
.2^ 1 82 12.0 17.0 34.0 
.230 82 12.3 15.2 .35 34.0 
.208 82 12.1 13.5 .35 34.0 
.187 82 12.4 11.9 .35 34.0 
.168 82 11.5 10.2 .37 35.9 
.IIA 82 11.7 6.8 .39 37.8 
.119 82 11.5 5.1 .39 37.8 
.102 82 11.5 3.4 .43 41.7 
.081 82 11.1 0.0 
.47 45.6 
.074 82 10.7 0.0 .52 50.5 
.066 82 10.7 0.0 .55 53.4 
.0^ 7 82 10.8 0.0 .55 53.4 
.049 82 10.2 0.0 .65 63.0 
.032 82 9.3 0.0 .69 67.0 
Table 21, Experimental data for large Microthene 
Constant gag velocity runs 
Bed Unfluidized Superficial Stirrer Pressure Per cent Torque Power . 
kw X 10^  weight bed depth gas velocity speed drop expansion in.-lbs 
gma inches ft/sec rpm across 
bed 
in, H2O 
1870 9.5 .168 0 3.90 28.2 
.168 13.5 3.90 28.2 .05 0.8 
.168 3.90 28.2 .05 1.5 
.168 54 3.90 28,2 .10 6.4 
.168 82 3.90 28.2 .13 12.6 
.168 110 3.90 28.2 .20 26.1 
Table 22. Experimental data for large Microthene 
Constant stirrer speed runs 
Bed Unfluidized Superficial Stirrer 
wei^ t bed depth gag velocity speed 
gms inches ft/sec rpm 
Pressure Per cent Torque Power . 
drop expansion in.-lbs kw x 10^  
across 
bed 
in. HgO 
1870 9.5 
1870 9.5 
.i+OU 
.370 
.332 
.292 
.251 
,208 
.187 
.168 
.144 
.119 
.102 
.081 
.07^  
,066 
.057 
.02+9 
.032 
.022; 
,kou. 
.370 
.332 
.292 
.251 
,208 
.187 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
I 
3.86 
3.86 
3.86 
3.86 
3.90 
3.91: 
3.90 
3.90 
3.90 
3.90 
3.86 
3.70 
3.66 
3.5U 
3.1+6 
3.42 
2.95 
2.54 
30.8 
30.8 
30.8 
30.8 
30.8 
30.8 
30.8 
30.8 
30.8 
28.2 
25.7 
20.5 
20.5 
17.9 
15.4 
12.8 
hi 
3.82 30.8 .05 1.5 
3.82 30.8 .05 1.5 
3.82 30.8 .05 1.5 
3.90 30.8 .05 1.5 
3.90 30.8 .05 1.5 
3.94 28.2 .05 1.5 
3.90 28.2 .05 1.5 
Table 22, (Continued) 
Bed TJnf luidized Superficial stirrer Pressure Per cent Torque Power  ^
kw X 10^  wel^ t bed depth gas velocity speed drop expansion in.-lbs 
gma inches ft/sec rpm across 
bed 
in, HgO 
1870 9.^  .168 3.90 30.8 .05 1.5 
.144 2^  3.90 28.2 .0^  1.5 
.119 3.90 28.2 .05 1.5 
.102 2^  3.90 28.2 .10 3-0 
.081 3.86 23.1 .13 3.8 
.074 2g 3.86 20.^  .13 3.8 
.066 2^  3.82 18.0 .17 5.0 
.0^ 7 2g 3.66 1^ .4 .25 7.4 
.049 2g 3.^ 8 10.3 .39 11.6 
.0Z|1 2g 3.74 .^1 .81 24,0 
.032 2g 3.30 2.6 1.6^  48.8 
.028 2^  3.18 0.0 2.20 65.0 
Table 23, Experiment al data for Titanium dioxide powder 
Constant gas velocity runs 
Bed Unfluldized Pressure Per cent Power 
weight 
gms 
bed depth 
inches 
gas velocity 
f t /s ec 
speed 
rpm 
drop 
across 
bed 
in. HgO 
expansion in.-lbs kw X I 
6750 9.5 .168 0 12.6 74.0 
.168 13.5 12.7 74.0 0.0 0 
.168 25 12.7 74.0 .10 3.0 
.168 54 12.8 74.0 .15 9.6 
.168 82 12.6 74.0 .23 22.4 
.168 110 12.5 74.0 .27 35.2 
67^ 0 9.5 .332 0 79.0 — 
.332 13.5 79.0 0 0 
.332 25 79.0 0 0 
.332 54 79.0 .13 8.3 
.332 82 79.0 .22 21.4 
.332 110 79.0 .25 32.6 
12120 18.0 .168 0 19.3 56.0 M 
.168 13.5 19.3 56.0 • 0 0 
.168 25 19.3 56.0 .12 3.6 
.168 54 19.3 56.0 .17 10.8 
.168 82 19.3 56.0 .25 24.2 
.168 110 18.8 56.0 .30 39.0 
Table 2L^ , Experimental data for Titanium dioxide powder 
Constant stirrer speed runs 
Bed 
weight 
gms 
XJnf luldized 
bed depth 
inches 
Superficial Stirrer 
gas velocity speed 
ft/sec rpm 
Pressure 
drop 
across 
bed 
in. HgO 
Per cent 
expansion 
Torque 
in.-lbs 
.404 0 10 .5 79.0 
.332 0 10 .6 74.0 
.292 0 10 .6 69.0 
.2^ 1 0 10 .6 63.0 
.208 0 10 .6 63.0 
.187 0 10 .6 63.0 
.168 0 10 .6 60.0 
.ihh 0 10 .6 58.0 
.119 0 10 .6 58.0 
.102 0 10 .6 55.0 
.081 0 10 55.0 
.066 0 10 
.4 55.0 
.057 0 10 .3 55.0 
.049 0 10 .3 52.0 
.032 0 10 .3 49.0 
.02k 0 10 .2 37.0 
.404 2g 10 .0 68.5 .10 
.332 2g 10 .0 63.0 .10 
.292 25 9 .9 63.0 .10 
.251 25 9 .8 58.0 .10 
.208 25 9 .8 55.0 .10 
.187 2§ 9 .7 53.0 .10 
.168 2g 9 .8 53.0 .10 
.144 2g 9 .7 53.0 .10 
.119 25 9 .8 50.0 .10 
Power  ^
kw X 10^  
67^ 0 9.^  
67^ 0 9.5 3.0 
3.0 
3.0 
3.0 
3.0 
3.0 
3.0 
3.0 
3.0 
Table 2Ij., (Continued) 
Bed XJnf luidi zed Superficial Stirrer Pressure Per cent Torque Power . 
weight bed depth gas velocity speed drop expansion in.-lbs kw X 10^  
gms inches ft/sec rpm across 
bed 
in, H2O 
67^ 0 9.^  .102 2g 9.8 5o.o .10 3.0 
.081 2^  9.8 0^.0 .10 3.0 
o066 2g 9.8 47.0 .10 3.0 
.0^ 7 2g 9.8 47.0 .12 3.6 
.049 2g 9.8 47.0 .12 3.6 
.032 2g 9.9 47.0 .13 3.8 
.02!; 9.9 4^ .0 .15 4.4 
.016 2g 10.0 37.0 .20 5.9 
.006 2^  9.8 26.0 .25 7.4 
12120 18.0 .2^ 1 2g 20.4 60.^  .10 3.0 
.230 20.4 8^.0 .10 3.0 
.208 2g 20.4 8^.0 .10 3.0 
.187 2^  20.4 56.0 :io 3.0 
.168 2g 20.4 56.0 .10 3.0 
.m 2g 20.4 55.0 .10 3.0 
.119 2g 20.4 54.0 .05 1.5 
.102 20.4 52.0 .05 lo5 
.081 2g 20.4 52.0 .10 3.0 
.066 2^  20.4 51.0 .12 3.6 
.0^ 7 2g 20.4 51.0 .12 3.6 
.049 2g 20.4 51.0 .12 3.6 
.032 2g 20.4 48.0 .15 4.4 
.024 2g 20.4 38.0 .17 5.0 
.016 2^  20.4 30.0 .20 5.9 
.008 2^  20.4 22.0 .27 8.0 
Table 2^ , Entrainaient data for pure wheat flour 
Bed Unfluldized Superficial Stirrer Freeboard Total Total Per cent 
weight bed depth gas velocity speed inches time weight of bed 
gms inches ft/sec rpm elapsed entrained entrained 
minut es gais 
4^ 28 19.^  .230 25 31.5 10 2.5 .05 
20 6.0 013 
30 10.5 .23 
hO 15.5 .3k 
50 19.0 .U2 
1+^ 08 18.^  .23 110 31.75 5 2.0 .04 
15 5.5 .12 
k^02 18.5 .29 25 31.5 10 16 .36 
20 29 .6Z4. 
30 I+O .89 
18.2^  .29 110 31.5 g 5 .11 
15 14 .31 
18.0 .37 25 31.25 5 9.5 .21 
15 25.0 .56 
25 39.5 .89 
8^96 23.5 .23 110 23.75 10 2.5 .04 
20 5.0 .08 
30 9.0 .15 
^887 23.25 .29 110 22.75 6.2 8.5 .14 
16.2 19.5 .33 
26.2 29.0, .49 
Tabla 2^, (Continued) 
Bed 
wei ght 
gms 
TJnf luidized 
bed depth 
inches 
Superficial 
gas velocity 
ft/sec 
Stirrer 
speed 
rpm 
Freeboard 
inches 
Tot al 
time 
elapsed 
mi nut es 
Total 
weight 
entrained 
gms 
Per cent 
of bed 
entrained 
23 «0 .37 25 23.0 7.5 13.0 .22 
15.0 25.0 
.43 
8^^ 8 23.0 .37 110 22.0 10 21.5 .37 
20 36.5 .62 
31.5 53.0 .91 
763^  29» 2^  .23 25 15.0 7.5 l^ .o .05 
15.0 9.0 .12 
7647 29.5 .23 110 13.75 10 2.5 .03 
20 7.0 .09 
30 11.5 .15 
7626 29.0 .29 110 12.5 10 16.0 .21 
20 29.5 .39 
' 
30 42.0 .55 
Table 26, Entrai iraient data for Vfo Hi-Sil flour 
Bed Unfluldized Superficial Stirrer Freeboard 
wei^ t bed depth gas velocity speed inches 
gmg inches ft/sec rpm 
5*02^  20.25" .23 0 29 
1^62 20.25' .23 25" 26.^  
2^31}. 20.^  .23 110 26.0 
2^36 20.2^  .168 0 28.5" 
5161| 20.0 .168 110 27.^  
Total Total Per cent 
time weight of bed 
elapsed entrained entrained 
minut es gms 
17 ^  .34 
50.5 1.01 
90.5 1.80 
3g 123.5 2,46 
162.5 3.24 
197.0 3.92 
60 213.0 4.24 
10 32.5 .63 
20 70.5 1.37 
30 109.0 2.11 
1^ 0 143.0 2.77 
7.5 28.5 .54 
17.5 64.5 1.23 
27.5 101.0 1.93 
37.5 138.0 2.64 
10 13.0 .25 
20 28.5 
.54 
30 U2.5 .81 
40 59.5 1.14 
50 72.0 1.37 
5 7.0 .14 
15 21.5 .42 
34.5 .67 
35 49.0 .95 
Table 26, (Continued) 
Bed TTnfluidized Superficial stirrer 
weight bed depth gas velocity speed 
gms inches ft/sec rpiti 
1^1^  20.0 .370 0 
1^35 19.5 .370 110 
6216 23.5 .168 0 
6I32 23.5 .168 110 
6090 23.0 .230 0 
59 6^ . 22.5 .23 110 
Freeboard Total Total Per cent 
inches time weight of bed 
elapsed entrained entrained 
minut es gms 
27.5 10 91.5 1.79 
20 165.5 3.24 
30 21^ 0.0 4.70 
3k 269.5 5.25 
27.5 g 38.5 .74 
15 112.5 2.19 
25 165 3.60 
23.5 10 15.5 .25 
20 31.0 .50 
30 47.0 .76 
UO 62.0 1.00 
50 83.5 1.34 
23.0 5 8.0 .13 
15 25.5 .42 
25 41.5 .68 
2i| 10 39.5 .65 
20 73.5 1.21 
25 90.0 1.48 
35 126.0 2.07 
24 5 17.5 .29 
15 ^  51.5 .86 
22.5 76.5 1.28 
Table 26. (Continued) 
Bed Unfluidized Superficial stirrer Freeboard Total Total Per cent 
weight bed depth, gas velocity speed inches time weight of bed 
gms inches ft/aec rpm elapsed entrained entrained 
minut es gms 
6270 23.5 .37 0 22.5 5 
10 
17.5 
S.s 
153.0 
.86 
1.52 
2.44 
6117 23.25 .37 110 23.5 8 66.5 
119 
185.5 
1.09 
1.95 
3.04 
7878 29.5 .168 0 15 
l| 12.0 37.5 .15 .47 
7977 29.5 .168 110 13.5 10 
20 
30 
40 
11:1 
84.0 
99.0 
.34 
.67 
1.05 
1.24 
7670 29.00 .23 0 17 5 
10 
26 
54.5 
.34 
.71 
7840 29.25 .23 110 15 10 
20 
30 
63 
116 
169.5 
.80 
1.48 
2.16 
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Table 27, Experimental mixing results for wheat flour 
Run number Time x Run number Time x 
(see Table 10) (minutes) ? (see Table 10) (minutes)  ^
•^ s s "^ S s 
0.0 0.0 
0.^  .oil 
1.0 .06 
1.^  6.45 
2.0 0.42 
2.^  0.42 
3.0 0.42 
3.^  0.57 
4.0 0.41 
0.62 
5^ .0 0.50 
0.46 
6.0 0.75 
6.^  0.45 
7.0 -
7.^  0.47 
8.0 0.66 
8.^  1.96 
9.0 1.12 
9.^  0.81 
10.0 0.88 
11.0 1.00 
12.0 1.51 
13.0 1.02 
14.0 0.72 
1^ .0 1.00 
16.0 1.50 
17.0 .88 
18.0 .93 
19.0 .88 
20.0 .90 
21.0 .66 
22.0 .78 
23.0 .79 
0.0 0.0 
0.5 0.0 
1.0 0.0 
1.5 0.97 
2.0 6.20 
2.5 1.37 
3.0 0.49 
3.5 0.48 
4.0 2.08 
4.5 0.58 
5.0 1.41 
5.5 0.55 
6.0 0.51 
6.5 0.58 
7.0 0.63 
7.5 0.58 
8.0 1.29 
8.5 _ 1.27 
9.0 0.86 
9.5 0.64 
10,0 0.54 
11.0 0.98 
12.0 0.61 
13.0 0.79 
14.0 0.61 
15.0 1.21 
16.0 0.58 
17.0 1.24 
18.0 0.56 
19.0 0.56 
20.0 0.53 
21.0 0.64 
22.0 0.56 
0.0 0.0 
0.5 0.0 
1.0 0.0 
1.5 0.62 
2.0 1.11 
2.5 1.01 
3.0 0.92 
3.5 0.97 
4.0 0.97 
4.5 0.99 
5.0 1.15 
5.5 1.15 
6.0 1.07 
6.5 1.17 
7.0 1,02 
7.5 1.23 
8.0 1.11 
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Table 27. (Continued) 
Run number Time x Run number Time x 
(see Table 10) (minutes) — (see Table 10) (minutes) =-
s^s ss 
8.^  0.99 
9.0 0.82 
9.2 0.98 
10,0 0.94 
10.5 0.86 
11.0 0.84 
11.5 1.03 
12.0 0.98 
12.5 0,94 
13.0 0.96 
13.5 0.93 
14.0 0.88 
14.5 1.01 
15.0 0.96 
15.5 1.12 
16.0 1.00 
0.0 0.0 
0.5 0.0 
1.0 .03 
1.5 .07 
2.0 .26 
2.5 .50 
3.0 .58 
3.5 .64 
4.0 .68 
4.5 .98 
5.0 .74 
5.5 .80 
6.0 .87 
6.5 .81 
7.0 .92 
7.5 -
8.0 .85 
8.5 1.01 
9.0 1.02 
9.5 1.13 
10.0 1.10 
10,5 1.21 
11.0 1.18 
11.5 1.11 
12.0 1.19 
12.5 0.96 
13.0 0.88 
13.5 1.04 
14.0 1.02 
14.5 0.99 
15.0 0.95 
15.5 1.07 
16.0 1.11 
0.0 0.0 
0.5 .34 
1.0 .77 
1.5 .98 
2.0 1.03 
2.5 1.00 
3.0 1.00 
3.5 0.94 
4.0 0.98 
4.5 1.03 
5.0 1.02 
5.5 1.01 
6.0 1.01 
6,5 1.11 
7.0 0.96 
7.5 1.08 
8.0 1.11 
8.5 1.01 
9.0 1.03 
9.5 0.99 
10.0 0.99 
10.5 1.02 
11.0 1.01 
11.5 0,98 
12.0 0.88 
12.5 1.02 
13.0 0.92 
13.5 1.02 
14.0 1.06 
14.5 0.98 
15.0 0.95 
15.5 0.97 
16.0 1.01 
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Table 27. (Continued) 
Run number Time X Run number Time X 
(see Table 10) (minutes) 
=39 (gee Table 10) (minutes) %8 8 
6 16.2 0.87 7 3.0 0.98 
17.0 0.94 3.2 1.01 
17.5" 0.98 4.0 0.94 
18.0 0.96 4.2 1.09 
18.2 1.03 2.0 0.98 
19.0 i.o2 2.2 1.03 
19.2 1.04 6.0 0.97 
20.0 1.01 6.2 0.92 
20.2 1.01 7.0 0.83 
21.0 1.04 7.2 0.98 
21.2 1.06 8.0 1.06 
22.0 1.06 8.2 1.00 
22.2 1.03 9.0 1.09 
23.0 1.08 9.2 1.00 
23.2 1.02 10.0 0.98 
24.0 1.02 10.2 1.02 
24.2 1.01 11.0 1.00 
22.0 0.97 11.2 i.o2 
22.2 0.97 12.0 0.98 
26.0 1.06 12.2 0.98 
26.2 1.02 13.0 0.98 
27.0 0.96 13.2 1.00 
27.2 1.03 14.0 1.11 
28.0 1.01 
28.2 0.90 8 0.0 0.0 
29.0 0.94 0.2 0.6 
29.2 0.98 1.0 1.09 
30.0 0.94 1.2 0.90 
30.2 1.01 2.0 i.o2 
31.0 0.96 2.2 i.o2 
31.2 0.94 3.0 1.14 
32.0 0.96 3.2 1.10 
4.0 1.08 
7 0.0 0.0 4.2 0.92 
.22 0.0 g'S 1.06 
.2 0.0 2.2 1.03 
.72 .11 6.0 1.02 
1.00 .12 6.2 0.97 
1.22 .31 7.0 0.92 
1.2 .26 7.2 1.13 
1.72 .62 8.0 1.00 
2.0 .86 8.2 .8k 
2.2 i.o2 9.0 1.08 
222 
Table 27. (Continued) 
Run number Time 2 Run number Time X (gee Table 10) (minut es ) %38 (see Table 10) (minutes ) %8S 
8 9.2 1.11 10 1.0 1.07 
10.0 1.06 1.2 .93 
10.2 1.11 2.0 .97 
11.0 1.11 2.2 .92 
11.2 1.00 3.0 .98 
12.0 1.06 3.2 .96 
12.2 1.11 4.0 .96 
13.0 1.02 4.2 i.o2 
13.2 1.00 2.0 1.01 
14.0 0.86 2.2 .92 
1U.2 1.03 6.0 .93 
12.0 1.17 6.2 1.09 
12.2 .92 7.0 1.12 
16.0 .84 7.2 1.04 
8.0 1.16 
9 0.0 0.0 8.2 1.02 
. 0.2 .94 9.0 0.99 
1.0 .81 9.2 1.01 
1.2 .76 10.0 1.11 
2.0 1.10 10.2 0.92 
2.2 .89 11.0 0.94 
3.0 1.04 11.2 0.98 
3.2 1.11 12.0 1.04 
l+.O 1.04 12.2 .97 
4.2 0.92 13.0 .98 
2.0 0.83 13.2 1.01 
2.2 1.00 14.0 1.01 
6.0 1.04 14.2 .93 
6.2 1.11 12.0 .96 
7.0 0.97 12.2 .91 
7.2 1.11 16.0 .93 
8.0 1.28 
8.2 1.07 11 0.0 0.0 
9.0 1.09 0.22 0.0 
9.2 0.94 0.2^  0.0 
10.0 1.18 0.72 0.0 
10.2 0.94 1.0 0.0 
11.0 1.00 1.22 0.0 
11.2 1.10 1.2^  0.0 
12.0 1.04 1.72 .11 
2.0 .23 
10 0.0 0.0 2.2 .27 
0.2 2.68 3.0 M 
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Table 27. (Continued) 
Run number Time x Run number Time x 
(see Table 10) (minutes) r (see Table 10) (minutes) y 
s 8 8 
3.5^  0,68 
if.O 1.02 
k.^ 1.09 
.^0 0,66 
1.23 
6.0 1.36 
6.5 1.00 
7.0 1.09 
7.5 0.96 
8.0 1.00 
8.5 0.93 
9.0 0.95 
9.5 1.02 
10.0 1.07 
10.5 1.05 
11.0 0.89 
11.5 0.82 
12,0 0.82 
12.5 1.07 
13.0 1.02 
13,5 0.84 
14.0 0.80 
0.0 0.0 
0.25 0.0 
0.5 0.0 
0.75 0.0 
1.0 0.0 
1.25 0.33 
1.5 0.0 
1.75 1.63 
2.0 0.41 
2.5 0.75 
3.0 0.84 
3.5 1.03 
1|:.0 1.36 
4.5 0.98 
5.0 0.82 
5.5 1.08 
6.0 1.00 
6.5 i.o5 
7.0 0.98 
7.5 1.03 
8.0 1.01 
8.5 i.o5 
9.0 0.98 
9.5 1.02 
10.0 1.00 
10.5 1.05 
11.0 1.04 
11.5 0.98 
12.0 1.08 
12.5 0.94 
13.0 0.83 
13.5 0.95 
14.0 0.94 
0.0 0.0 
0.25 1.01 
0.5^  1.14 
0.75 1.06 
1.0 1.11 
1.25 0.96 
1.5^  1.13 
1.75 0.93 
2.0 1.04 
2.5 1.05 
3.0 0.93 
3.5 1.07 
4.0 0.95 
4.5 0.89 5.0 0.86 
5.5 0.90 
6.0 0.85 
6.5 0.95 
7.0 0.95 
7.5 0.88 
8.0 1.05 
8.5 0.98 
9.0 0.91 
9.5 0.87 
10.0 1.00 
10.5 1.12 
11.0 0.98 
11.5 1.15 
12,0 1.09 
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Table 27. (Continued) 
Run number Time X Run number Time X 
(see Table 10) (minut es ) %88 (see Table 10) (minut eg) s^s 
13 12.2 0.99 14 2.0 0.98 
13.0 1.08 2.2 0.96 
13.2 i.o2 6.0 0.91 
14.0 1.00 6.2 1.00 
7.0 0.98 
111 0.0 0.0 7.2 0.96 
0.22 0.73 8.0 0.92 
0.2 0.79 8.2 1.07 
0.72 0.79 9.0 1.12 
1,0 0.89 9.2 1.22 
1.22 0.84 10.0 1.07 
1.2 0.96 10.2 1.03 
1.72 0.89 11.0 1.09 
2.0 0.82 11.2 0.98 
2.2 0.84 12.0 1.02 
3.0 0.92 12.2 i.o2 
3.2 1.03 13.0 1.02 
kcO 0.91 13.2 1.11 
i^ .2 1.02 14.0 i.o2 
